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NEW WAYS OF PRODUCTION AND UTILIZATION OF N,O
V.N. Parmon

Boreskov Institute of Catalysis, Novosibirsk, Russia

During the last decade a dramatic breakthrough has been achieved in heterogeneous
“selective oxidation processes siﬁce N,O has been found to be an efficient alternative oxidant
both in gaseous and liquid phases. .

The presentation considers an éxtremely selective hydroxylation of benzene with N,O
over zeol@te c}atalystsv developed as AlphO‘}_{'W process for>r the Iérge scale pfoduction of
phenol, as well as some other promising applications of N;O as selective oxidant in organic
synthesis.

VDﬁevelopment of new processes on the base of NO as a Iérge scale oxidant gave an
impetus to development of new cheap ways of the NyO production. The presentation
considers the newest process of the N,O production via selective oxidation of ammonia over

Bi-Mn-based cata}ystsf ;
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AUTOTHERMAL REACTOR CONCEPTS FOR
THE ENERGY-EFFICIENT COUPLING OF ENDO-
AND EXOTHERMIC REACTIONS

Grigorios Kolios and Gerhart Eigenberger

Institut fiir Chemische Verfahrenstechnik

Universitit Stuttgart, Germany

Many industrially important reactions like steam reforming or dehydrogenations are
‘endothermic and require high temperatures for sufficient equilibrium conversion. The
' nécessary heat of reaction is generally supplied by a combustion reaction but usualiy only
about or less than half of the heat of combustion is transferred directly into the endothermic
reaction. The rest has to be recovered from the hot effluents by a network of heat exchangers.
- This is the feasible state of the art if the reactor is part of a larger chemical plant.

Decentralized hydrogen production (e. g. for fuel cell applications) however requires
reformer concepts with minimum excess heat production and an optimal heat integration of
the endothermic and the exothermic reaction(s). This has led to the development of heat-
integrated “autothermal” reactor concepts where the feed to and the effluents from the reactor
are “cold” (i. e. at ambient temperature or just above the respective condensation temperature) -
and the hot temperature zone required for the reaction is kept completely inside the reactor.
Such concepts will be of advantage also for other endothermic synthesis reactions if they
result in well specified short contact time reaction conditions at high temperatures.

Previous reactor concepts of this kind had the disadvantage that either the heat recovery
was weak or excessive peak temperatures well above the required synthesis temperature
occurred. Excessive peak temperatures occurred in particular for the counter-current or
reverse-flow coupling of exo- and endothermic reactions because both reaction zones tend to
separate, leading to an uncontrolled run-away of the exothermic (combustion) reaction.

It will be shown that this separation and the resulting excessive temperature excursions
can be avoided if, under counter-current or reverse-flow operation, the feed of combustion gas
is locally distributed or if co-current heat exchange is applied for the exothermic and the

endothermic reaction in the reaction zone. R
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- The examples to be presented have been studied both experimentally and by simplified or
detailed simulations. They comprise the steam reforming of methanol in a counter-current
reactor with: integrated feed evaporation and locally distributed burner gas feed, methane
steam refonﬁing with co-current heat exchange in the reaction zone and methane steam
reforming with. periodic flow reversal and distributed burner gas feed during the regeneration
step. The experimental results show that a proper reactor design, ensuring good burner gas
distribution and avoiding homogeneous back-ignition of the combustion reaction is crucial for
a successful operation. ;

Acknowledgement: Support of this work through the Deutsche Forschungsgemeinschaft
and through industrial‘ partners is gratefully acknowledged.
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DEVELOPMENT AND MODELLING OF MEMBRANE REACTORS

M. van Sint Annaland, U. Kiirten, S.A.R.K. Deshmukh, J. Smit and J.A.M. Kuipers

Department of Science and Technology, Twente University, Enschede, The Netherlands

Abstract

In the quest for processes with higher product selectivities and overall ‘process
(separation) efficiencies and improved reactor controllability and safety, membrane reactors
have been proposed. Membrane reactors achieve these improvements via the integration of
reaction and separation in a single process unit. The reaction step can be improved through
the integration of a separation step, as for example in membrane reactors for dehydrogenation
reactions where hydrogen is withdrawn from the reaction mixture using perm-selective
Pd;ihémbranes thereby shiﬁing the reaction equilibrium to the desired products. Alternatively,
also the separation step can be improved due to the integration of a reaction step, as for
instance in membrane reactors for the catalytic partial oxidation of methane using perm-
selective dense perovskite membranes for the air separation, where the high consumption rate
of oxygen at the permeate side helps increasing the chemical potential difference of oxygen
across the membrane and hence the oxygeﬁ fluxes.

In this work the modelling and development of membrane reactors for partial oxidation
systems will be addressed. Firstly, the benefits of controlled oxygen dozing via porous
membranes to a packed catalyst bed (see Fig. 1a) are demonstrated and the effects of oxygen
mass transfer limitations on the product selectivity are investigated. Then, it will be shown
that with a membrane assisted fluidised bed mass (see Fig. 1b) heat transfer limitations can be
effectively eliminated and almost isothermal conditions and plug-flow behaviour can be
achieved simultaneously, thus yielding large improvements in conversion and selectivity.
Finally, a new membrane reactor concept for the catalytic partial oxidation of methane with
| integrated air separation with oxygen perm-selective perovskite membranes (see Fig. 2) is

discussed.
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Fig. 1. Schematic representation of (a) a packed bed membrane reactor (PBMR)
and (b) a membrane assisted fluidised bed reactor (MAFBR).

Packed bed membrane reactor

In partial oxidation systems in which the formation rate of the target (partially oxidised)
product shows a lower dependency on the oxygen concentration than the formation rate of the
waste (total oxidation) product, the product selectivity can be increased by reducing the
oxygen concentration in the reactor. By distributive addition of oxygen to the reaction mixture
along the axial coordinate of the reactor via porous membranes, high conversions can be
achieved at a low local oxygen concentration level. Firstly, the potential yield improvements
of packed bed membrane reactors (PBMR) will be identified by comparing the maximal
product yield in a PBMR assuming a constart ‘oxygen concentration level throughout the
reactor with the optimal yield of a fixed bed reactor (FBR) with premixed oxygen feed,
considering the partial oxidation system as a consecutive reaction scheme with power law
reaction kinetics. The influence of the difference in oxygen reaction orders and the ratio of
reaction rates of the consecutive and primary reaction will be shown. Furthermore, the -
optimal axial oxygen concentration profile in a PBMR with a given catalyst mass will be
investigated. The ratio of premixed and distributed oxygen feeds is varied and the effect of
different axial profiles for the oxygen distribution is compared.

For most industrially relevant partial oxidation systems a very strong decrease in the
oxygen concentrations is required to achieve significant selectivity improvements. Since the
reaction order in oxygen for the target product is typically smaller than unity, possible
prdblems with the distribution of oxygen from the bulk of the gas phase to the centre of a

catalyst particle, as well as from the membrane wall to the centreline of the packed bed may

11
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emerge. With detailed numerical models the effects of intraparticle and membrane wall-to-
bed oxygen mass transfer limitations on the intrinsic and integral product selectivities and
activities are investigated. |

Since the oxygen concentration is typically much smaller than the concentrations of the
hydrocarbons intraparticle mass transport limitations will result in an increase in the intrinsic
product selectivity. This effect is illustrated for different combinations of reaction orders of
the target and waste product formation rates as a function of a modified Thiele-modulus.
However, if the inherently reduced particle effectiveness due to the decreased activity is not
compensated for by an increase in catalyst mass, the resulting increased oxygen concentration
in the PBMR will result in an integral selectivity loss that will exceed the gain caused by the
concentration gradients inside the catalyst particle. Nevertheless, the effect of intraparticle
mass transport limitations on the integral product selectivity is not adverse, provided that the
oxygen concentration is small compared to the concentrations of the hydrocarbons. In
contrast, oxygen transport limitations from the membrane at the tube wall to the centre of the
packed bed will decrease the intrinsic and integral product selectivities, especially at high
values of the modified Thiele-modulus. Possible oxygen depletion in the centre of the packed
bed even further decreases the product selectivity. Concluding, for maximal product
selectivities the particle size should be chosen large enough that mass transport limitations
from the membrane wall to the centre of the packed bed can be avoided and the possibly
decreased catalyst activity due to intraparticle mass transport limitations should be
compensated for by increasing the catalyst volume.

- . An important design criterion for industrial scale PBMRs is the maximum allowable
pressure drop. To reduce the pressure. drop typically relatively large particles are selected.
Consequently, low aspect ratios of the tube-to-particle diameter, and thus a strong porosity
profile near the membrane wall, are to be.expected for industrial scale PBMRs.-Due to the
increased porosity near the wall the local catalyst concentration and thus the activity of the
packed bed is decreased and the axial wvelocity is increased causing a by-pass flow. With a
two-dimensional, pseudo-homogeneous reactor model the radial and axial concentration
profiles and the local velocity field were calculated, while accounting for the influences due to
the distributive feed via the membranes and the radial porosity profile. With these calculations
it will be shown that the overall effect of the porosity profile on the conversion-selectivity
plot is unexpectedly small. If the implementation of a radial porosity profile is not required by
other considerations, €.g. for an accurate description of temperature effects, then the effect of ’

the porosity profile can safely be neglected.
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Membrane assisted fluidised bed reactor

By insertion of membranes in a gas-solid fluidised bed reactor employing very fine
powders problems of mass and heat transfer limitations, both inside the particles and from the
membrane walls to the emulsion phase, can be completely overcome. Due to the excellent
heat and mass transfer characteristics of fluidised bed reactors almost isothermal operation
can be achieved, even for reactions with a very high adiabatic temperature rise. With the.
insertion of membrane bundles in the fluidised bed not only the axial concentration profile
can be optimised via distributive feeding of oxygen, but also the large effective axial
dispersion — one of the main disadvantages of fluidised beds — can be effectively decreased
via compartmentalisation of the fluidised bed. The addition of gas via the membranes
improves the hydrodynamics of the two-phase system (reduction of macroscale circulation
patterns) even further decreasing the axial dispersion. Moreover, by insertion of ‘the
membrane bundles in a suitable configuration the bubble growth can be impeded, strongly
enhancing the bubble-to-emulsion phase mass transfer and thereby reducing reactant by-pass
via rapidly rising large bubbles. Thus, in the membrane assisted fluidised bed reactor
(MAFBR) not only the concentration profiles can be optimised via distributive feeding, also
the hydrodynamic behaviour of the fluidised bed is strongly improved.

Firstly, experimental results will be shown demonstrating that the air permeation through
small ceramic porous membranes is not effected by the hydrodynamics and properties of the
fluidised bed. Then, the experiments to study the influence of the presence of membrane
bundles and the effect of gas addition via the membranes on the local heat transfer coefficient
between the tube and the fluidised bed (determined by measuring the temperature drop over
the cooling tubes inside the fluidised bed) and on the effective axial dispersion (determined
from steady state concentration profiles of a tracer gas) will be discussed. The experimental
results clearly show that the axial dispersion can indeed be Very strongly decreased with
horizontal membrane bundles and gas addition via the membranes, while simultaneously
maintaining excellent heat transfer characteristics. Finally, the reactor concept will be
demonstrated for the partial oxidation of methanol to formaldehydé. In conventional reactors
the methanol concentration is restricted to below about 10% because of iexplosion limits and
heat transfer limitations. With experimental results it will be shown that with the MAFBR
higher product selectivities can be achxeved at much hlgher methanol concentrations (up to
about 25-30 %) at almost full conversion without any problems regardmg explosion limits or

heat removal.
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Reverse flow catalytic membrane reactor

In Gas-To-Liquid (GTL) processes the partial ‘oxidation of methane (POM) is combined
with ‘the Fischer-Tropsch reaction to produce liquid fuels. GTL-processes have a great
potential as alternative to conventional oil and coal processing. However, an important part of
the investment costs of a conventional GTL-plant is related to cryogenic air separation. These
costs could be substantially reduced by separating air with recently developed oxygen perm-
selective perovskite membranes, which typically require similar temperatures as the POM
reaction for sufficiently large oxygen fluxes. Integration of these membranes in the POM
reactor seems very attractive because oxygen reacts at the membrane surface resulting in high
driving forces over the membrane increasing the oxygen permeation.

Because the POM-reaction is only slightly exothermic, the natural gas and air feeds have
to preheated to high temperatures to obtain high synthesis gas yields, which will be shown
with an adiabatic thermodynamic analysis. Since the Fischer-Tropsch reaction is carried out at
much lower temperatures, recuperative heat exchange is essential for an air-based POM
process. Since external heat transfer at elevated temperatureé is - very expensive, the
recuperative heat exchange is preferably carried out inside the reactor, which can be achieved
with the reverse flow concept. To combine the POM reaction, air separation and regenerative
heat exchange in a single apparatus, a novel multi-functional reactor, the reverse flow
catalytic membrane reactor {(RFCMR) is proposed. To create the reverse flow behaviour a
small amount of methane is combusted at the air side and to keep the centre of the reactor
isothermal some steam is injected. With model simulations the theoretical feasibility of the
new reactor concept is demonstrated, showing that high overall syngas yields can be achieved

with very high energy efficiencies.

combustion
catalyst

perovskite membrane

Air + CHjcepp 5 N,+CO;+H,0
N2+C02+H20 €-- == Air + CH4
CH,— " S—> CO+H,
CO+H, %~~~ |53 Pos<--- CH,
Hzo — ‘ N . Hzo

inert porous membrane impermeable

Fig. 2. Schematic representation of the Reverse Flow Catalytic Membrane Reactor (RFCMR)
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' NMR IMAGING: A POWERFUL TOOLKIT
FOR CATALYTIC RESEARCH |

L.V. Koptyug

International Tomography Center. Novosibirsk 630090, vRussia
Fax: +7 3832 331 399, e-mail: koptyug@tomo.nsc.ru

The nuclear magnetic resonance imaging (MRI) techniqﬁe is well known for‘its ability to

visualize the internal structure of various liquid-containing objects, from humans to prewetted

rock cores and fiber-reinforced car tires {'1—3}. It is of paramount importance, however, that

image contrast in MRI is governed not only by the structural characteristics of an object under

study, but also by a broad rangev of its other properties and the processes within it.

Furthermore, one can purposefully adjust the iﬁage contrast in MRI depending oh the main

goal of a particular study so that the desired information can be obtained. Tt is one of the aims

of this presentation to demonstrate that MRI is not a single research tool, but rather a

sophisticated and versatile toolkit which can provide unique and diverse information on the

reactor structure and functional behavior and their
interrelation.

The spatial resolution of the MRI technique is of
the order of 10-100 pm, which is clearly not high
enough to visualize the geometry of the individﬁal
pores even for many macropofous materials.
However, it is ‘adeyquate for studying the geometry at
the reactor level, e.g., Vof the void space in packed
beds. This can be done, for instance, by filling the
porous space of the bed with a fluid which gives an
observable NMR signal. A three-dimensional (3D)
MRI experiment then yielcis ‘th‘e‘ 3D stméture of the
bed in a digital form (Fig. 1), which can then be

processed statistic‘aliy or used directly in model

calculations. It is essential that the same experimental |

arrangement can be used to study transport of the fluid
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Fig. 1. A three-dimensional image of a

cluster of fine alumina particles

(200 pm, partially saturated

‘with vaseline oil) which fill out

the voids of a porous bed

comprised of larger (5 mm)
alumina beads. The latter do
not contain any liquid and are
thus invisible to MRL
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within the bed if one just turns on the fluid flow (vide infra). Furthermore, in most MRI
experiments the structural information about the object under study is obtained along with
other information such as transpofc properties, chemical composition, etc., which is useful for
establishing the structure-function relationship. At the same time, the information can be
obtained with spatial resolution, i.e. without averaging over the entire (possibly
inhomogeneous) structure of the reactor.

The functioning of chemical reactors is governed by‘various types of mass transport
processes within them, including molecular diffusion, flow and hydrbdynamic dispersion.
MRI provides a whole range of approaches for studying these and other types of mass
transport in model chemical reactors [2]. Using one of the tools from the MRI toolkit (the so-
called phase method [2,4,5]), we have obtained the spatial maps of all three velocity
components of water inflowing into the transport channels of a monolithic catalyst for its
entire cross-section and at various distances from its inflow edge [6,7]. This experiment has
yielded a detailed picture of the branching and rearrangement of the flow and has revealed the
presence of reverse flow in those régions where the main stream is deflected. The maps
clearly show the establishment of the deve!oped laminar flow along the channels. More
importantly, the results contain the complete ihformatiﬁn about the flow field directly linked
to the flow geometry. This means that MRI is able to provide the information about shear
rates which govern the external mass transport of the flowing fluid with the porous walls of
the catalyst. " ;

This experiment is easily extended to the studies of structure-transport relationships. In
particular, it allowed us to observe the differences in the flow ficlds for monoliths with the
channels of dlfferent shapes and to directly visualize the effect of flow distrlbutors installed
upstream of the monohth on the flow pattern within the monolith channels In particular, a
considerable reductmnof‘,the flow shear rates is observed when a flow distributor is present,
which implies a S;i‘éasténtial reduction of the mass transfer bketween the fluid and the monolith
walls [7]. | ; o

A signiﬁcan:tj’*step forward in the development of such applications is our first successful
application of MRI to study the flow of proton-eontaining gases (propane, butane, acetylene)
in pipes and ‘channels, including the channels of monolithic catalysts [6-8]. While the
sensitivity and: ;gSi)}ution for MRI of gases is lower as cbmpared to liquids, the experiment
can still be used to visualize flow patterns in the channels wider than 1 mm, while the

utilization of elevated gas pressures could improve the spatial resolution of the experiment.
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We have. shown that other MRI-based flow imaging
techniques (e.g., flow tagging {2,5]) are also applicable to
gases [§8].

The MRI techniques that are used to visualize the
flow patterns can be used to study the filtration processes,
e.g., filtration of a liquid through a packed bed, but only
in those cases when the characteristic pore sizes are much

larger than the spatial resolution limit. This approach was

used to study a flow of water through a bed of 3.2 mm .

solid glass beads (Fig. 2). Once again, since the — Fig. 2 Flow velocity map for
. ) . . . . filtration of  water
experiment yields the velocity maps which also visualize ‘ through a cylindrical

bed 22 mm in diameter

the bed geometry, it is reasonably straightforward to comprised of solid glass

correlate the flow pattern with the bed structure. In . beads. Darker shades of
. . .. gray represent higher
particular, higher flow wvelocities are apparent near the “axial “velocifies. white

regions correspond to
the beads invisible to
This approach, however, is not practical for beds - *MRL :

bed walls where higher bed porosity is expected.

with much smaller pore sizes and for gases. Nevertheless,
the MRI toolkit has a different tool for the studies of filtration processes. It is based on the
detection of the so-called average propagator P(R,A) — the probability density for a molecule

to travel over a distance R during a selected

2 3 [\ : travel time A as a function of this distance
§15— N 5 [9]. The important point is that the
? displacements of the molecules are measured
D:,QTO- directly and within the bed, while many
o 5] traditional approaches use tracers and the

detection is performed downstream of the
bed.  The  direction in  which the

displacements are measured can be chosen at -

Fig. 3. The average propagator for the axial ~will. The measurements can thus yield the
displacements of butane gas flowing
through a cylindrical bed (21 mm in
diameter) comprised -of solid glass  n4 poth axial (D) and transverse (Dy)
beads (3.2 mm) measured for the
observation time values of A=] ms, dispersion coefficients (i.e., both parallel and
2 ms, 5 ms, 10 ms, 20 ms, 40 ms,
80 'mis, 150 ms (inset - A= 40 ms,
80 ms, 150 ms, 300 ms, 600 ms).

average velocity of ~the fluid in the bed (U)-

normal  to the pressure gradient). The
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experiment can be performed with a coarse spatial feééiution, which alloWs one to compare
the average velocities and dispersion coefficients for different parté of the granular bed. While
this approach is used for a long time to study the filtration of liquids, our recent work [7,8,10]
is the first demonstration that 1t can be applied to the studies of gases as well (Fig. 3). This
allowed us to compare the filtration of liquid (water) and gas (butane) in terms of the Peclet
nﬁmber (Pe=Ud/_D, d — grain diameter) and to demonstrate that for water the exchange of the
moving fluid with the stagnant pools is an important dispersion mechanism even for beds of
non-porous glass beads and for the stationary regime of the filtration process. This is further
confirmed by the shape of the detected pmpagators which exhibit a pronounced peak at small
d1splacement values which corresponds to water molecules characterized by a reduced
mobility as compared to the rest of the ensemble. The amplitude of this peak decreases as the
observation time increases, which gives the direct confirmation of the exchange of water
molecules between the stagnant and the moving liquid and provides the means to measure the
characteristic time of exchange. In the case of gases, the stagnant pools are evident only when
the bed is comprised of porous grains. Furthermore, the measurements of the dispersion
coefficients as a function of the observation time are helpful in revealing the two mechanisms
responsible for the dispersion effects in the limit of short and long observation times,
respectively. The interplay of the coherent (short time limit) and non-coherent (long time
limit) fransport mechanisms leads to the characteristic behavior of Dy and D 1 as functions of
the obsewation time. The former grows rapidly at short times and then reaches its limiting
value asymptotically, while the latter goes through a maximum before leveling off.

There are much more sophisticated tools in the MRI toolkit that can be used to gain
further details about the filtration process. In particular, the so-called velocity exchange
spectroscopy (VEXSY) experiment [11] allows one to correlate the velocities at two different
instants in time. The resulting two-dimensional propagator gives the probability for the
molecule to have velocity Vg at t=0 and velocity VA at t=A. Measurements performed for
various values of A demonstrate the loss of coherence as A increases and allow one to extract
thé characteristic correlation time [10].

We have further extended the average propagator technique and applied it to study the
gravrty driven filtration of 80-200 alumina partmles through a bed of 4-5 mm alumina spheres
{1(}}. Preliminary results have shown that despite a “dlscrete nature of the filtration of
iﬁ&ividuai particyies at low flow rates, the experiment can be successfully employed to study

such processes‘. A representative propagétér is shown in Fig. 4. The results show that the
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average filtration velocity g{?és ;thmikigh a ‘ N 'V, cmy/sec
maximum as the flow rate is increased. - 0 10 20 30 40
The 1nitial increase is attributed to the M RCAET A ST 2 R
. e e . . 0.068 g/lcm
intensification of the convective flow of air 4- 068 o/ BeC
. , ) 5 |~ U=8.2 cm/sec
due to the increase in the amount of freely €
i - »n
falling solids in a straight vertical section £
, o
of a tube between the supply funnel and © 2
. o ;
the granular bed and the resulting increase 1- ‘
in the initial velocity of solids (confirmed - i “‘/\\\
; 0. h

experimentally) when ' they enter the ‘05’ y fO' O ™ G ‘é - ‘5‘0? T 1 =5: - 2.0 v 2:5
granular bed. The decrease of the average R;_, cm :

filtration velocity at higher flow rates was Fig. 4. Average' propagator for the gravity
driven filtration of solid particles

t ial flood: f
found to be due to the partial flooding o through a bed of 4-5 mm alumina

the porous bed with the granular material. ‘beads. Solids flow rates and the
) ) . . . average filtration  velocities  are
The filtration of gas-solids suspensions is indicated in the figure.

important in chemical engineering and
catalytic applications, and we believe that similar studies can be performed with cyclone
separators, pneumatic transport and suppression of dust, fluidized bed reactors, etc.

An important problem in chemical engineering and catalysis is the influence of mass and
heat transport on a chemical reaction, and in particular the possible coupling of the transport
processes with the chemical transformation. These issues are directly related to the efficiency
of large-scale reactors and the safety of their operation. One of the striking examples of the
coupling of mass transport and a chemical reaction is the Belousov-Zhabotinsky (BZ)
oscillator. We have employed the MRI technique to study the propagation of chemical waves
in the BZ reaction carried out in model porous media (Fig. 5) [10]. The reduction of the wave
front velocity is shown to be related to the reduction of the effective diffusivity in porous
media as compared to bulk liquids. For given concentrations of the key reactants; a critical
pore size value exists below which the propagation of concentration wave fronts is not
observed. The most interesting behavior is found when the reaction mixture flows in a porous
medium. The measured velocity of the
downstream propagating front is much

larger than the sum of the average flow

Fig. 8. Propagation of concentration waves in the velocity and- the front velocity in. a static
BZ reaction carried out in a bed of
0.5 mm solid glass beads.
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system. The front which travels in

the opposite direction can be made

109°C 141°C 167°C
8 .

stationary relative to the bed by
appropriately adjusting the liquid

flow rate. It is shown, however, that

it can remain stationary if the flow

113°C 100°C

velocity is further increased by an
. [s)
order of magnitude. Such an exciting : ~ 64 C
o . . Fig. 6. 2D images demonstrating the redistribution of the
behavior is caused by the dispersion liquid phase inside the catalyst pellet in the course

of AMS hydrogenation. AMS is supplied as a

filtrati ui :
phenomena upon lltratlon of fluids liquid to the top of the pellet. The pellet

in porous media [§]. temperature is indicated for each image. Lighter
i shades of gray correspond to higher liquid
Heterogeneous catalytic contents, while white areas correspond to regions

hydrogenation is one of the model where signal is below the noise level.

reactions widely used in the studies aimed at a better understanding and the optimization of
large-scale catalytic processes, and is also of practical importance for chemical industry. We
have employed a combination of NMR imaging (Fig. 6) and spectroscopy to visualize the
processes In an operating single catalyst pellet [10,12,13] or in a granular catalyst bed. During
the experiments, the catalyst (1% Pd/y-Al,0s) is residing inside the 1f coil of the NMR
instrument, and the H, gas and the liquid reactant (c-methylstyrene) preheated to 68-80 °C
are supplied to the reaction volume. The catalyst temperature can be as high as 170-190 °C
due to the exothermic nature of the reaction. A slice-selective spin-echo sequence was used to
obtain 2D images of the liquid distribution with the spatial resolution of 230x140 pm? (pellet)
or 230x310 pm’ (bed) within a 2 mm slice. To reduce the T, times of the liguids, the catalyst
was impregnated with manganese. This allowed us to acquire the 2D images in 34 s and to
obtain a detailed picture of the redistribution of the liquid phase within the pellet or the bed in
the course of the reaction. These studies have revealed the existence of the oscillating regimes
of the process caused by the oscillations of the catalyst temperature and directly demonstrated
the existence of the coupling of mass and héat transport with the chemical reaction itself.

In order to determine the composition of the liquid phase with spatial resolution, free
induction decays were phase encoded along one or two spatial coordinates within a vertical
slice of a cylindrical catalyst bed. Despite a subétantial linéwidth, the “spatially resolved NMR
spectra clearly indicate the increase in the relative amount of proﬁuét {cumenc) towards the

lower (downstream) edge of the catalyst bed. We have shown earlier [12] that substantial line
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broadening and distortions in the NMR spectra of liquids permeating porous solids can be
somewhat reduced if the NMR spectra are detected with spatial resolution. Our latest results
show that the linewidths are further reduced at elevated temperatures (ca. 800 Hz at 20 °C; ca.
300 Hz at 130 °C). Note that these preliminary spectroscopic experiments were performed
under highly unfavorable conditions, i.e,, with the catalyst impregnated with paramagnetic
manganese. Without it the lines should be appreciably narrower, and an accurate
quantification of the mixture composition throughout the catalyst pellet or bed should be
possible.

The MRI toolkit is so large that it is impossible even to simply list all the tools available,
and only some of them are presented here. Some other possible applications that can be useful
for catalysis and related disciplines are the drying of porous materials [14-16] (including
contact drying, external mass transfer across the fluid/solid interface), adsorption [14,16,17]
(including sorption of water vapor and adsorption of gases by various porous sorbents), and
the in sine visualization of supported catalyst preparation [18].

The results presented above are intended to demonstrate that the MRI toolkit is useful for
establishing the structure-transport-chemistry interrelation in an operating chemical reactor,
with various aspects of its performance studied under the same experimental conditions or
even in the same experimental run. We hope that the work reported will help to further
develop and promote the chemical engineering and catalytic applications of the MRI
technique.

This work was supported by RFBR (grant # 02-03-32770), SB RAS (Intergation grants
#41 and #166), and the Russian President’s program of support of the leading scientific

schools (grant # NSch-2298.2003.3).

References

1. LV.Koptyug, R.Z. Sagdeev. Russ. Chem. Rev., 71, 593 (2002).

2. LV.Koptyug, R.Z. Sagdeev. Russ. Chem. Rev., 71, 789 (2002).

3. LV. Koptyug, R.Z. Sagdeev. Russ. Chem. Rev., 72, 183 (2003).

4. A Caprihan, S.A. Altobelli, E. Benitez-Read. J. Magn. Reson., 98, 71 (1990).

5. E. Fokushima. Annu. Rev. Fluid Mech., 31, 95 (1999).

6. LV. Koptyug, S.A. Altobelli, E. Fukushima, A.V. Matveev, R.Z. Sagdeev. J. 1\;1’agn. Reson., 147, 36 (2000).
7. LV. Koptyug, L.Yu. Ilyina, A.V. Matveev, R.Z. Sagdeev, V.N. Parmon, S.A. Altobelli. Catal. Today, 69,

385 (2001).
8. LV. Koptyug, A.V. Matveev, S.A. Altobelli. Appl. Magn. Reson., 22, 187 (2002).

9. PT. Callaghan. Principles of Nuclear Magnetic Resonance microscopy. Clarendon Press, Oxford, 1991.




PL-4

1 O;':

1.
12.

13.

14.
15.

16.
17.

18.

LV. Koptyug, A.A. Lysova, A.V. Matveev, L.Yu. Ilyina, R.Z. Sagdeev, V.N. Parmon. Magn. Reson.
Imaging, 21, 337 (2003).

S.-I Han, S. Stapf, B. Blumich. J. Magn. Reson 146 169 (2000)

LV. Koptyug, A.V. Kulikov, A.A. Lysova, V.A. Kirillov, VN Parmon, R.Z. Sagdeev J. Amer. Chem. Soc.,
124, 9684 (2002).

LV. Koptyug, A.V. Kulikov, A.A. Lysova, V.A. Kirillov, V.N. Parmon, R.Z. Sagdeev. Chem. Sust. Deiz,
11, 109 (2003).

I.V. Koptyug, R.Z. Sagdeev, L.Yu. Khitrina, V.N. Parmon. Appl. Magn. Reson., 18, 13 (2000).

LV. Koptyug, S.I. Kabanikhin, K.T. Iskakov, V.B. Fenelonov, L.Yu. Khitrina, R.Z. Sagdeev, V.N. Parmon.
Chem. Engng Sci., 55, 1559 (2000).

LV. Koptyug, L.Yu. Khitrina, V.N. Parmon, R.Z. Sagdeev. Magn. Reson. Imaging, 19, 531(2001).

1.V. Koptyug, L.Yu. Khitrina, Yu.l. Aristov, M.M. Tokarev, K.T. Iskakov, V.N. Parmon, R.Z. Sagdeev. J
Phys. Chem. B, 104, 1655 (2000). _

L.Yu. Khitrina, 1.V. Koptyug, N.A. Pakhomov, R.Z. Sagdeev, V.N. Parmon. J. Phys. Chem. B, 104, 1966
(2000).

22




PL-5

4 MAIN OBJECTIVES FOR THE FUTURE OF CHEMICAL AND
PROCESS ENGINEERING MAINLY CONCERNED BY THE SCIENCE
AND TECHNOLOGIES OF NEW MATERIALS PRODUCTION

Pr. Jean-Claude CHARPENTIER
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Today the Chemical and Process Engineering especially involving Chemical Reactor
Engineering has to answer to the changing needs of the chemical and related process
industries such as petroleum, petrochemical, bituminous, pharmaceutical and health, agro and
food, environment, iron and steel, building materials, paints, glass, surfactants, electronics,
cosmetic and perfume ..., and to meet market demands. So being a key to survival in
globalisation of trade and competition, the evolution of cheinicai engineeriﬁg is thus
necessary. And to satisfy both, the market requirements for specific end-use properties of the
products manufactured in (bio) chemical reactors and the social and the resource-saving and
environmental constraints of the industrial-scale processes and technologies, it is shown that a

necessary progress is coming via a multidisciplinary and time and length multiscale approach.

In such a frame the future for the science and technologies of new 'fmaterials can be

summarized by four main objectives :

1. A total multiscale control of the process (or the procedure) to increase selectivity
and productivity i.e, nanotailoring of materials with controlled structure : opportunities
for molecular engineering in catalysis (figure) [1] or increase selectivity and productivity by

supplying the process with a local "informed" flux of energy or materials.
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Figure 1. Nanotailoring of materials with controlled structure, [1]

2. A design of novel equipment based on scientific principles and new operation
modes and methods of production : process intensification in chemical reactors in using
multifunctional technologies that couple or uncouple elementary processes (transfer - reaction
- separation) such as in catalytic distillation reactors, or reaction and crystallization
equipment, or crystallization and distillation equipment, or membrane fechnologies, and use
of non-traditional structured packing. Process intensification concern also the use of new
operation modes such as unsteady or cyclic operations, extreme high temperature and
pressure technologies and supercritical media. The reduction in the size and in the number of
equipment units leads to reduced investment costs and significant energy recovery or savings.
Furthermore, impmvéd product selectivity leads to a reduction in raw material consumption
and hence, operating costs. Globally proc‘ess intensification through multifunctional reactors
and new operation modes permits 10-20% significant reductidn in both investment and plant

operating costs [2].

Figure 2. One vision of how a future plant employing process intensification may look (right)
vs. a conventional plant (left) [2]
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- Process intensification involves also the use of mlcro—engmeermg and micro-"
~ technologies. The miniaturisation of chemical analytical services in micro-total analysis
system with mlcro-reactlon technqlogy pmmlses to yleld a wide range of novel devices for
reaction kinetic and micro-mechanism studies, and on-line monitoring of production systems,

or for high-throughput screening experiments for rapid catalyst screening.

3. A formulation or a product design and engineering : manufacturing end-use
properties. This involves the development of multidisciplinary and multiscale product-
oriented engineering with a special emphasis on complex fluids and solid technology. I have
called it the "Génie du ftriplé Processus moléculaire - Pmdu_it — Precédé (3P
Engineering)". Indeed the quality and properties of emulsified or past like and solid products
is determined at the micro-and nano scale level. Therefore to be abie‘ to deéign and control the
product quality [3] and make the leap from the nano-level to the prOcéss level, chemical and
process engineering involved with structured material have to face many challenges in
fundamentals (structure-activity relationships on molecular level, interfacial phenomena i.e,
equﬂibria kinetics ..), in product design (nucleation growth, internal structure, additives..), in
process mtegraticn (simulation and design tools based on population balance) and in process

control (s:,nsors and dynam!c models)

Figure 3. Muliple W/O/W emulsion manufactured by partial-phase soluinversion technology
(Gohla, [3])
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‘4, A implementation of the multiscale and multidisciplinary computational chemical
engineering modelling and simulation to real-life situations : from the molecule to the
‘overall complex production scale into the entire production site. Through the interplay of
molecular theory, simulation, and éxp’eﬁmental measurements evolves a better quantitative
understanding of structure-property relations, which, when compled to macroscopic chemical
engineering science, can form a basis for new materials and process design. Computer Aided
Process Engineering European Programs such as CAPE OPEN or Global CAPE OPEN aim
expanding and developing interface specification standards to insure interoperability of CAPE
software components. And a standardization body CAPE OPEN laboratories Network has
been established to maintain and disseminate the software standards and to ensure that
software tools used by the process industries reach a level of interoperability that will help
ensure growth and competitiveness.

Ina context of society and market demands versus technology development it is clear that
the future for the science and technologies of new materials production is heading in these
| four dlrectmns and reqmres the integrated approach presented as the 3P Engineering [4].
Moreover chemical and process engineering will also be increasingly involved and concerned
w1th the apphcatxon of Life Cycle Assessment {0 new material design and production and its
use but also to the plant and the equipment together with the assoczated services. Thzs

concerns sustamabahty (environmental protection, security, societal demands and
busmess ieadmg to better conversion and selectivity of raw material and energy for consumer
Uosired l*mdm* quality), regardicss of the industries which use these technoiogxes of new

matenai productlon
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Hydrogen production for fuel cells in mobile applications
L. Kiwi-Minsker
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Mobility, being defined as displacement of people and goods, is increasing during
the last decades. For any sustainable society mobility should be safe, environmentally
clean and economic. Vehicles can be run either by connecting them to a continuous
supply of energy, or by storing energy on board. Fuel cells convert chemical energy
into electrical energy with a high efficiency and low emission of pollutants. Fuel cell
powered electric cars using hydrogen-rich-gas present a low-emission alternative to
gasoline internal combustion engines. Fuel cells (FCs) offer significant environmental
benefits over competing technologies and hence the environment is a strong driving
force behind the development of FC systems for transport applications. Moreover,
fuel cells are not limited in their efficiency by the restrictions of the Camot cycle.
However, fuel cells in mobile applications require safe and efficient hydrogen storage
by physical or chemical means, or the production of hydrogen on-board.

Hydrogen is gaseous at room temperature and atmospheric pressure, and 4 kg of
hydrogen occupies a volume of 45 m’ under normal conditions. This corresponds to a
balloon of 5 m diameter, being not a practical solution for a vehicle. The high-
pressure containers are more compact, but present significant disadvantages: the fuel
would be available at a pressure dropping from 450 bar to zero overpressure, so
additional pressure control is essential. High-pressure vessels create a considerable
risk — the compression itself is the most dangerous and complicated part.

Another approach for hydrogen storage is to use adsorption of hydrogen on light
and reasonably cheap materials of high surface area, like nanostructured graphite.
Interesting results have been published on the hydrogen storage in carbon nanotubes,
but whether a hydrogen-storage material will emerge from it, remains an open
question. The amount of adsorbed hydrogen is proportional to the specific vsurface
area df the carbon nanotube rﬁaterial and limited to ébaut 2 mass% for carbons.

Many metals and alloys ére capable of reversibly absorbing Earge amounts of
hydrogen via hydride formatmn Reversible hydrogen-storage capacities approaching
3 mass% at room temperature have been reported. Some of the lightest eiements in the

penodm table for example hthmm boron, sodium and aluminium, form stable and
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ionic compounds with hydrogen. The hydrogen content reaches values of up to 18
mass% for LiBH,, but such compounds desorb the hydrogen only at temperatures
from 80 °C up to 600 °C, and the reversibility of the reaction is not fully proven.

Taking into account these resﬁlts, it is scientifically interesting and challenging to
continue research on the hydrogen storage using well-characterized materials, but
alternative approach of producing hydrogen on-board has to be considered and
developed. There are several “primary fuels” as potential hydrogen sources for proton
exchange membrane fuel cells (PEMFC) used in automotive propulsion as methane
(natural gas), liquefied gas, gasoline, alcohols. Due to their high storage density,
liquid fuels are the most attractive for mobile application. Except Steam—reforming of
alcohols, ‘all processes for generating hydrogen frorn these fuels require water-gas
shift reactors of significant size. This occurs because the higher operating
temperatures used lead to unacceptably large amounts of CO. All processes require
low- or zero-sulfur fuels, and add to the fuel cost.

Methanol is considered to be safer than the currently used petrol with respect to
ignitéon temperature, ‘and it can be produced from renewable sources. Moteover,
steam reforming (1) offers the highest attainable hydrogen concentration in the
product gas (75%):

CH,0H +H,0— CO, +3H, )
AH® = 49kJmol™
For comparison, product gas from partial oxidation has only 35-45% of hydrogen:
CH,0H +0.50, - CO, + 2H,
AH® = -192 kImol ™ @

Lower hydrogen percentages adversely affect cell performance. Moreover, 4the
high exothénnicity of reaction (2) drastically lowers the efficiency of the process
since waste heat is generated and temperature control of the reactor may be
complicated. From another side, pure steam-reforming suffers from poor {ransient
operation. Therefore, combination of pattial oxidation with steam-reforming of
methanol appears the leading candidate for on-board generation of hydrogen.
Oxidative steam reforming of methanol (OSRM) is based on the combination of an

exothermic oxidation and an endothermic reforming of methanol carried out in the
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same reactor. At 300°C an autothermic reaction for the following composition of the
reactant feed is attained:

4CH,0H +3H,0 +0.50, - 4CO, +11H,

A H? = 0kJmol™ ‘

Reactors for this process operate aufothermaﬂy, i.e. without any external heating
or cooling when reached the reaction temperature, with’ hydrogen content in the
product gas of 73% with oxygen in the feed or 65% if air is used. For fast start»up’or
transient response, the methanol/oxygen ratio can be‘ varied. The main difﬁculty in
carrying out the OSRM is due to the much faster methanol oxidation compared to the
reforming reaction. As a consequence, heat is generated mostly at the reactor
entrance, whereas the heat consumption occurs in the middle and rear of the reactor,

In conventional reactors with low axial and radial heat conductivity, pronounced axial

temperature profiles are deife}oped. They are characterized by “hot spots™ at the

reactor entrance and “cold spots” near the reactor outlet. The high tempefatures
damage the catalyst and the low temperature diminishes the .reforrrging rate leading to
poor reactor performances. Therefore, temperature control in the reactor is crucial.
Metal based catalysts with high thermal conductivity can help to integrate the
exothermic combustion of methanol .and. the endothermic steam reforming. The
beneficial effect of improved heat transfer was demgnstrated for the OSRM using
either a conductive material, or the micro geometry of a monolith. Microstructured
catalytic reactors have some unique characteristics ﬂiat classical reactors cannot
achieve, like short dynamic response times, narrow residence time distribution and

large heat exchange capacity.

Figure 1: Scheme of the microreactor used for the SRM kinetic measurements
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To profit from these advantages, one has to introduce sufficient fraction of catalyst
per unit of reactor volume in order to attain high reactor efficiency. One promising
option to increase the catalyst loading is the use of sintered metal fiber (SMF) plates
as catalyst support. SMF consist of metal filaments {p 2-30 pm) and provide uniform
3D open structures with porosity up to 90%. Ten SMF plates and metal foils were
stacked together in housing (Fig.1) to form the microstructured reactor. Pressure drop
remained low with high catalyst Ioading up to 25 mass%. Catalytic activity was
investigated for a copper based catalyst in the SRM for the production of hydrogen.
Another microstructured reactor, designed as catalytically active wires placed
in parallel into a tube, which we call “string-reactor” (see Fig.2), was developed for
the OSRM to produce hydrogen in autothermal mode. The heat generated during
methano! oxidation at the reactor entrance is axially transferred to the reactor zone of
the endothermic steam-reforming. The brass metal wires (Cu/Zn = 4/1) were used as
precursors for the preparation of string-catalysts. High methanol conversion in the
OSRM together with COq-selectivity of 99% ande-seiectivity of 60% were obtained

and results will be presented in details.

catalytic
filament

microchanne_l 3
B0:1-03df

Figure 2: The microstructured string-reactor.
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- AN APPROACH TOWARD THE UTILIZATION OF RENEWABLE
FEEDSTOCKS: CO, SELECTIVE REDUCTION;
ALCOHOLS INTO MOTOR FUEL CONVERSION

M.V. Tsodikov, L.I. Moiseev

A.V. Topchiev Institute of Petrochemical Synthesis, RAS,
Leninsky Prospekt 29, 119991 Moscow GSP-1, Russia,

N.S. Kurnakov Institute of General and Inorganic Chemistry, RAS,
Leninsky Prospekt 31, 119991 Moscow GSP-1, Russia,

Carbon dioxide is both an abundant anthropogeni‘c generated waste material and a source
of bound carbon. Ethanol and its lower homologues can be produced via biomass
fermentation. In this paper reactions of CO; and alcohols catalysed by intermetallics will be
discussed. ,

CO; was found to undergo reduction by hydrogen giving rise to CO and methane under
20-350°C in the presence of TiFeygsZr003Mog0,. A catalytic combination of hydride phase
[TiFego05Z10,03Mo00,021Hp 36 and Pt/AL, O3 was shown to yield 99% CO under the conversion of
CO;, close to 60% at 350°C and 10-50 at. VCydéhexane reacts with CO; in the presence of
TiFeg95Zr0,03M0g,02 and Pt/AL O3 at 430°C and 15 at according to the equation (1):

3CO; + C¢Hyp = 3CO + CeHg + 3H,0 (H

Intermetallic TiFeg 9sZrg03Mo0g 02 modiﬁed with Cu catalysed reductive reaction of CO,

with 3-methylbuthanol-1 giving rise to diisopenthylformal according to the equation (2):

CH3\ Cat CH;
/CH2CH2CHZOH +COy+2H) —==>» < ;CHzCHZCHZO)ZCHZ + 2H,0 2)
3 CH3

Formation of mixture consisted of linear and branched hydrocarbons was observed while
~ ethanol was treated with CO,/H, mixture in the presence of TiFeg 95219 03Mog g2 and PY/ALO;

composition according to the equation (3):

~

co
CHsOH+H, —2» 3 CH,,, +H0 3)

nz4
Reductive dehydration of an alcohol, a reaction in which alcohol molecule undergoes

dehydration and condensation giving rise to a saturated hydrocarbon, has been found to take
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place in the case of other alcohols as'well. The number of C atoms in the product molecule is

at least doubled in comparisori to the Js)tarti'ng alcohol, e.g., equation (4):

CH_?,\ : Cat ‘H3C\ i /CHB
2 /CH2CH2CHZOH +H, —=&-p /CHzCHzCHz— CH2CH2CH2\ + 2H,0 (4)
CH; H;C CH;

Reduced melted iron catalyst converted cyciopentanol at 250°C to dicyclopentyl
{(see Eq. 5):

QO—OPHHZ SR Q—O +2H,0 (5)

Analogously, benzaldehyde was found to undergo reduction giving rise to 1,2-

diphenylethane possibly via intermediate benzyl alcohol formation (see Eq. 6):
20 | Hy
2 Ph—C\ +2H; —— [2PhCH;0H] ——— PhCH,CH,Ph+2H,0 (6)
H

Mechanistic aspects of the above mentioned and related reactions are discussed.
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NEW MULTIPHASE FIXED-BED TECHNOLOGIES. COMPARATIVE
ANALYSIS OF INDUSTRIAL PROCESSES (EXPERIENCE OF
DEVELOPMENT AND INDUSTRIAL IMPLEMENTATION)

L.B. Datsevich, D.A. Mukhortov*

University of Bayreuth, Germany (Bayreuth), Germany
*FSUF RSC "Applied Chemistry” (St. Petersburg), Russia

Proceeding from the analysis of chemicophysical processes in existing gas-liquid fixed-
bed reactors, two new technologies for gas-liquid reactions on a fixed-bed catalyst are
developed. In the first technology worked out in the Russian Scientific Center “Applied
Chemistry”, the process is carried out under conditions of the gravitational liquid film flow
over the catalyst surface and liquid recycling. In the second process - presaturated one-liquid-
flow technology (POLF technology) [L.B. Datsevich, D.A. Muhkortov, Process for
hydrogenation of organic compounds, Russian patent 2083540, to Datsevich], the reaction is
brought about without the presence of the gaseous phase — only the liquid phase is fed into the
reactor, but this liquid is preliminarily saturated with the gas in a special highly intensive
device before the reactor. These new technologies allow carrying out reactions with high
productivity and process safety at low energy input in the reactor. The comparative analysis
of the existing three-phase fixed-bed technologies destined for exothermic reactions is given.
Some approaches to scale-up and industrial realisation of these processes are considered.
Keywords. Multiphase reactions, Fixed-bed (stationary) catalyst, Trickle bed reactors (TBR),
Bubble column reactors (BC), presaturated one-liquid-flow (POLF) technology, Mass transfer
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KINETICS OF NOx REDUCTION OVER Ag/ALUMINA BY A HIGHER
HYDROCARBON IN EXCESS OF OXYGEN |

F. Klingstedt, K. Erdinen, K. Arve, J, Wirna, L.-E. Lindfors and D.Vu. Murzin

Laboratory of Industrial Chemistry, Process Chemistry Centre, Abo Akademi University,
Biskopsgatan 8, FIN-20500 Turku/Abo, Finland

Introduction

During the last ten years, improved fuel economy in vehicles, has become a dominating
factor when developing engines, due to the. concefn of the gmwing‘ CO; greenhouse
emissions. A perfect example of efficient fuel economy is demonstrated by the common-rail
turbo diesel engine, which operates under highly lean-burn conditions. These oxygen rich
conditions, however, make the conventional three-way catalysts unsuitable for the reduction
of NOy emissions. In this paper we have investigated the application of a silver-alumina
catalyst for selective catalytic reduction of NOy using hydrocarbons (HC-SCR). Since HC-
SCR is based on the use of unburned hydrocarbons together with added hydrocarbons if is of
highest interest to study the reaction kinetics in order to optimise the process conditions in the
engine and the catalytic converter. The present study is devoted to experiments with simulated
diesel exhaust mixtures, where the concentration of the reactants were varied and the results

were mathematically treated to determine orders in NO, HC and O,.

Experiments and results
A 2 wt.% Ag/alumina catalyst was prepared by impregnation of a commercial alumina
support (LaRoche Industries Inc.) with a 0.022 M silver nitrate solution of high purity. The
experimental data for the kinetic study was obtained in activity runs, where the Ag/alumina
| particles (250-500 pm, 0.4 g) were tested in a quartz micro reactor. | |
_ Different sizes of particles and variations in the bed length were xnvestigated to elucidate
the impact of mass-transfer hrmtatmns The internal mass-transfer resistance over the
 Ag/alumina was tested using particle sizes of 1.0- 141 mm, 0250 0500 mm and 0.09-
O 180 mm With equal mass of the bed and the results are presented in Figure 1. The external

mass transfer experiments were carried out usmg three dlfferent iengths of the Ag/alumma
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bed: 0.35, 0.7 and 1.05 cm. The results confirmed, that there are no internal and external mass

transfer limitations over the Ag/alumina catalyst. .

100
0.250-0.500 mm

0.09-0.180 mm
46 4

NOx to N, conversion (%}"

204 1.0-1.41 mm

4 3 = T T
150 200 250 300 350 400 450 500 550 600

Temperature (°C)

Figure 1. Effect of particle size on the conversion of NO, over Ag/aluhﬁna.
Catalyst mass = 0.4 g, C;/NO = 6 (octane as reductant) and GHSV =60 000 h'.

~ Kinetic tests were thus carried out in the absence of internal and external mass transfer
limitations. A temperature window of 150-550 °C with sampling at steady state conditions
(GHSV = 60 000 h! and 550 ml/min) was used for the catalytic activity runs. Orders in NO,
HC and O, were determined by variation in the concentrations of the involved reactants (NO:
250-1000 ppm, octane: 134-750 ppm and O,: 1-12 vol. %). Oxygen was led separately into
the reactor in order to avoid reaction between NO and O, before entering the catalyst bed. The
concentrations of Ny, CO,, CO and O, were determined using a GC (HP 6890). More details
on general experimental procedure as well as on analysis are provided in [1].

The reaction was assumed to follow the simplified reaction scheme:

2NO+ CsHjs + 11% 0, > N, + 8 CO; +9 Hy0 1)
CsHig + 12% 0, > 8 CO, + 9 Hy,0 )
" CgHyg +8% 0O, » 8 CO+9H0 ' ~ ‘ (3)
- CO+ %0, > CO, ‘ “

A phenomenological power-law kinetic model of exponential order was set up for the
reactions:
_ my o . _ n 0, . o o3 ., _ 0.5
nh= kyXypXocrXo, s 1 = kzxozc‘rxqz sl =k XperXo s by = kyxcoXo, (5)
‘where k are rate constants, m, 1, o-reaction orders.
The rate constants and reaction orders were estimated with simplex and Levenberg-

Marquardt methods impie;mgnted in the software ModEst 6.0 (ProfMath, Helsinki). The

concept of a plug flow reactor was applied
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dx, m,, SRR :
___L:M'C” rix. : H . 6
P ©

where z is length coordinate in reactor, m., catalyst mass, x-molar fraction.
The mass balances were solved- with the backward difference method during the
parameter estimation procedure. The results obtained are presented in Table 1 (for the main

reaction) and Figure 2.

100 -+

[ 5
S <>
L

NO, to N, Conversion (%)
X S
<

150 200 250 300 350 400 450 500 550 6060
Temperature (°C)

Figure 2. Activity test over Ag/alumina with varying concentration of octane and
- NO but having HC;/NO = 6 and GHSV = 60 000 h™.

Table 1. Reaction orders of NO, octane and O, at different temperatures.

Temperature (°C) NO octane O
300 ~0 1.7 1.0
350 ~0 1.9 1.3
400 ~0 1.9 1.1
450 ~0 1.4 0.88
500 0.07 1.3 0.60
550 0.26 1.2 0.25

The reaction order close to zero order in NO was calculated between 300 and 500 °C and
at the final temperature of 550 °C it increased to 0.26, indicating that the reaction rate is
almost independent of the concentration of NO. The strong dependence of the NO
conversion on the hydrocarbon concentration is clearly seen, as the order varies from 1.9 at
low temperatures to 1.2 at the highest temperature. In oxygen, on the other hand, there is a
high order at low temperatures, which gradually decreases to 0.25 at 550 °C.

Experimental data suggests that octane reactivity dominates the rate of NO reduction. The

mechanistic explanation for observed kinetics could be that in the rate-determining step
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octane reacts with the aid of predominantly oxygen over the Ag/alumina catalyst to form an
oxygenated hydrocarbon (via H-abstraction). Although the influence of NO is not manifested
kinetically, meaning that the coverage of adsorbed NO or nitrates (nitrites) is small, the
presence of NO is vital to create activga‘ ‘i;r.itemediates for the réaétions to proceed, as octane
‘does not transform totally in the absence of NO in the gas feed. An alternative explanation,
which could account for zero order in NO is that the surface is almost completely covered by

NO, containing species.

Conclusions

Kinetics of continuous NO reduction by octane in excess oxygen was investigated over a
2 wt.% Ag/alumina catalyst. The reaction order in NO was equal to zero, indicating that the
rate of NO reduction in the excess of oxygen was independent on NO partial pressure. At the

same time reaction orders in octane clearly exceed unity.
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Introduction

The integration of multiple process functions in multifunctional reactors, e.g.
heterogeneous catalysed reactions and separation pfocesses, has been recently intensively
investigated as a promising tool for process intensification [1]. Whenever more than one
functionality has to be incorporated in a reactor the spatial distribution of the functionalities
becomes an important parameter for the optimisation of the reactor performance. So far the
distribution of the functionalities in multifunctional reactors has been optimised primarily on
the reactor scale, e. g. spatial distribution of adsorbent and catalyst particles along a fixed bed.
However, the inter-and intra-particle mass transfer can pose a serious constraint for the
utilisation of the synergy potential offered by multifunctional reactors, especially for very fast
reactions. If the integration of the functionalities is extended to the particle level, i.e.
multifunctional catalyst particles with an integrated secondary functiéﬁali{y, the mass transfer
between the different functional sites can be intensified signiﬁcantiy. Furthermore,
microstructuring offers an additional degree of freedom for the desigii of a multifunctional
reactor as the functionalities can be arranged in a structured way inside the particles and thus
provides a tool for the deliberate manipulation of intra-particle concentration and temperature
profiles. The optimal distribution of a single and two different catalytic activities in a particle
has been derived earlier for steady-state conditions [3], [5]. Here we focus on multifunctional

catalysts with integrated adsorption sites for the conversion enhancement of equilibrium

. limited reversible reactions. Due to the inherent unsteady-state nature of adsorption processes

a theoretical analysis of these multifunctional catalysts has to be carried out based on a

dynamic process model.
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| Modelig |

A two phase dispersion mod‘el with internal pore diffusion describing the dynamic
behaviour of a fixed bed adsofptive reactor with lﬁultifunctional catalyst particles has been
developed. The spatial distribution of the functionalities inside the multifunctional catalyst
particle was mathematically described accordiflg to the volume fraction of each functionality,
whereby all possible particle structures could be accounted for. The model was implemented
in Aspen Custom Modeler® with- a modular model structure and solved using orthogonal
collocation on finite elements for the discretisation of the spatial domain, whereas the finite
elements were allocated on the radial axis of the particle in such a manner so as to obtain a
volume equivalent grid.

The adsorption process was assumed to be mass transfer limited only and the reactor was
considered to be isothermal. We considered catalyst and adsorbent sites in the multifunctional
particle to have the same properties as for the separate particles. Particle size and structure
were averaged for all particles (multifunctional and conventional) in order to permit a direct
comparison of different particle and reactor configurations.

Simulation Results

Simulation studies were carried out for two test systems of industrial significance — Claus

process and watergas shift reaction — in the first case a product is adsorbed and in the latter a
reactant is desorbed, both resulting in a conversion enhancement of the equilibrium reaction
- according to Le Chatelier’s law.

Table 1. Test reaction systems for multifunctional catalysts

Reaction system Adsorbate  Adsorbent Catalyst TI[°Cl p [bar]
Claus process [4] ) H;O Zeolite 3A v-AlLOs 250 I
2H,S+80,0 S, +2H,0 o
Watergas shift reaction [2] H,O Zeolite 3A . CW/ZnO/ALO, 250 1

CO+H,00 CO,+H,

Using the parameter values reported in the literature, particle size and reaction rate were
‘augmented to investigate the influence of the ratio of reaction rate and internal diffusion as
well as the ratio of convective and intra-particle mass transfer on the performance of
multifunctional catalysts. The performance was quantified using the cycle time prior to the

~breakthrough point of unconverted reactant for a given reactor volume compared to a
conventional adsorptive reactor. .
The anticipated intensification of the mass transfer between catalyst and adsorbent was

confirmed by the simulation results for both reaction systems. With increasing diffusional

resistance the advantage of multifunctional catalysts compared to conventional adsorptive
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reactors was more pronounced, too. While an increased reaction rate with respect to the
internal mass transfer rate restricts the reaction zone to a region close to the particle surface
and thus restricts the utilisation of the particle core leading to a poorer performance

enhancement of muitifunctidnal catédysts. Figtire I gives a summary of the simulation results.

_Significant advantage for multifunctional catalysts
Advantage depending on reaction system possible

No significant advantage compared fo.
conventional adsorptive reactor

Eluln

- % Claus process

Characteristic diffusion time

88 Watergas shift
reaction

Hydrodynamic residence time

0 4 8 12 Thiele modulus

Figure 1. Cycle time enhancement by multifunctional catalysts depending on the mass transfer
resistance

Furthermore, a discrete optimisation of the particle structure for a given average volume
fraction of catalytic and adsorptive functionalities was carried out for both test reaction
systems under different conditions (Figure 2). By means of this procedure the ratio of reaction
and internal mass transfer rates (Thiele modulus) was identified to be the mam factor
influencing the optimal particle structure.

As long as the intrinsic reaction rate is the limiting step, the catalyst activity can be
maximised if the catalyst volume fraction is increased towards the particle surface, since this
exposes the catalyst to the highest reaction driving force.

The higher the Thiele modulus the more favourable an arrangement with a lower catalyst
and a higher adsorbent volume fraction close to the particle surface. This reduces the catalytic
activity close to the surface and thus extends the reaction zene further into the core of the
particle. By means of the structured arrangement of the functionalities inside the particles the
mass transfer rate between the sites with different functionalities can be harmonised with both
the reaction and adsorption rate and thus the utilisation of the particle maximised. The same
particle structure was found to be optimal for the conversion enhancement both by adsorption
of a reaction product and by desorption of a reactant. For all cases particle structures with
zones containing overlapping functionalities were superior to arrangements with separate

catalyst and adsorbent shells due to the more intimate spatial integration in the mixed zones.
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Figure 2. Optimai particle configurations depending on the mass transfer limitation

Conclusions

The simulation results have demonstrated that multifunctional catalysts can serve as an
appropriate tool for the circumvention of mass transfer limitations and thus offer an improved
utilisation of both functionalities. The improved mass transfer between catalyst and adsorbent
also allows an increase of the particle size or reduced residence times compared to a
conventional adsorptive reactor configuration. The compatibility of adsorption and reaction
rates which is a crucial criterion for the feasibility of adsorptive reactors [4] is facilitated by
multifunctional catalysts. However, if the mass transfer between the different functionalities
s not limiting, the benefit of multifunctional catalysts will be not sufficient to compensate the
more’ complex manufacturing process. The performance enhancement found for a single
reversible reaction suggests similar or even higher improvements for more complex reaction
schemes, e.g. increased selectivity for consecutive side reactions, and holds promise for

further investigations of multifunctional catalysts with integrated adsorption sites.
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Cyclic reduction and re-oxidation of the catalyst is one of the ways to reach an improved
performance in hydrocarbon partial oxidation reactions. The physical basis is the ability to
regulate the concentration of adsorbed species by reaction conditions. This way of the reactor
operation can allow formation of more active or selective state of the catalyst, which is not
formed in steady-state conditions. Benzaldehyde (BA) and benzoic acid are valuable products
of toluene partial oxidation over vanadia/titania catalysts. It was found [1,2] that during
toluene interaction with a V/Ti-oxide catalysts containing potassium BA is formed for a long
time with a very high selectivity while CO, 1s evolved only during the first moments of the
reaction.

The aim of this work is the investigation of the kinetics of the toluene interaction with
pre-oxidised V/Ti-oxide catalysts with different vanadia content. This step is important for the
heterogeneous oxidation of toiuene taking place via a Mars - Van Krevelen mechanism.

Catalyst preparation. TiO, (Aldrich) with anatase structure was used asba support. It
contained 0.2 wt.% of potassium as was determined by atomic emission spectroscopy
Monolayer catalysts with 0.27, 0.47 and 0.57 wt.% V content were prepared by 2-, 5- and 10-
steps of VOCI; vapour deposition on the surface of Ti0,, respectwely, hydroxylatmn and
drying (grafting technique). The catalysts were dned and calcined in air at 723 K dunng 120
min. The BET spemﬁc surface area was equal to 9 mz/g The amount of Vanadmm
corresponds to 0.35, 0.62, 0.75 monolayers (ML), respectweiy The monolayer is taken to be
equal to 10 V-atom nm’ 2113]. ’ -

Set-up and procedure. An experimental set-up used for the transient response study has
- been described in [1]. The catalyst (1 g) was loaded to a fixed bed reactor of i.d. 6 mm. /Before
“every experiment the catalyst was pre-treated in oxidative atmosphere (20 vol.% O, in Ar) at

673 for 30 min. Then, the flow was switched to Ar, cooling was performed to the reaction
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temperature ‘and a 2 vol.% toluene/Ar mixture (1 ml/s) was introduced into the reactor.
Products were analysed by a quadrupole mass spectrometer and gas-chromatograph.

Kinetic model and results. The kinetic model is based on the following results and
assumptions [1-4}: (1) BA and CO; are formed fnéinly on different active sites, nucleophilic
(O*) and electrophilic (O") oxygen, respectively; (2) The ratio of these active sites is not
dependent on the temperature; (3) Adsorbed benzdates and other coke-like species are formed
on the surface of vanadia/titania during the toluene interaction; (4) Diffusion of oxygen from
the bulk is not important in the studied temperature range.

The kinetic scheme with the migimal amount of steps describing responses of toluene and

reaction products was chosen. It includes following steps:

Kinetic steps ‘ Rate of reactions
1) C6H5CH3 +2[YO] = 2 [Y] + CsHsCHO + H,0, Ry =k Ci[YO]",
2)  2CeHsCHO+3[YO] - 2 [YCeHsCOO] + [Y] + HaO, Ry =kyCpa[YO],
3).  CeHsCHs+ 18 [ZO] — 18 [Z] +7 CO, + 4 HO, R; =ksC1{ZOT,
4y  C¢HsCHs+ [ZO] — [ZOCyHg), Ry =k4CA{Z0],
5) [ZOCyHg] + 17 [ZO] — 18 [Z] + 7 COz+ 4 HyO, Rs =ks[Z0OCHg][ZO].

Toluene interacts with nucleophilic oxygen sites (YO) of the catalyst with the BA
formation in the first step. BA interacts with the same oxygen sites forming benzoate (step 2).
Toluene can be adsorbed with the ring parallel to the surface on a group of ZO sites.
Electrophilic oxygen in these sites provides fast formation of CO; by fission of the aromatic
ring in adsorbed toluene (step 3). Toluene may also adsorb on a single ZO site (step 4). In that
case it interacts with electrophilic oxygen of other ZO sites forming the total oxidation
‘products (step 5). A continuous stirred tank reactor approach was used for mathematical
modelling.

The main products of the toluene interaction with the pre-oxidised vanadia/titania catalyst
in the temperature range 523-633K are BA, CO,, CO and H;0. The transient behaviour of CO
is similar to CO,, but CO concentration was 5-6 times less. Hence, it was not taken into
account. - R

~Figs. la and 1b demonstrate the BA .and CO, evolution, obtained during the toluene
interaction with the pre-oxidised vanadia/titania catalyst (0.75 ML V/TiO,;) at different
temperatiires. The response curves presented in figures indicate that the dynamics of the CO,

and BA formation is different. The CO, formation declines quickly, while BA is formed for a
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- long time. This was explained by participation of different oxygen species in partial and total

- oxidation [1]. Except of gaseous products the coke-like species are formed on the catalyst

-+ surface. This follows from the balance calculations as well as from the oxygen introduction
" experiments after the toluene interaction. CO,, CO u H,0 were found in products of the
oxygen interaction, but BA was never observed. It is seen that the calculated responses of BA

and CO; at different temperatures correspond to the experimental data (Fig. 1).
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Fig 1. Toluene interaction with the pre-oxidised .75 ML V/TiO, catalyst at different temperatures.
' Benzaldehyde (light pomts) and CO, (dark points). Points — experiments, lines — modelling.
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Fig. 2. Arrhenius plots for the rate constants. Fig. 3. Dependences of the benzaldehyde

formation on time after the switch of the
Ar flow to the 2 vol.% toluene/Ar mixture
over the pre-oxidised V/Ti-oxide catalysts
at 573 K. Coverage of titania by vanadia
in monolayers is shown. Points —
experiments, {ines — modelling.

Fig. 2 demonstrates the calculated dependence of the /n % on temperature. The rate
constants fit nicely the Arrhenius plots. The step 5 has the lowest rate constant and higher
activation energy. Hence this step contributes to the CO, formation more strongly at high

temperature.
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Dynamiés of the BA formation are "c'o‘mpared during the toluene interaction with the pre-

oxidised catalysts containing different vanadia concentrations (0.35, 0.62 and 0.75 ML) (Fig.

| 3). Maleic anhydride and benzoic acid have never been found in products. BA formation
increases with the vanadia content. :No gaseous products were detected during toluene
interaction with pure titania support. ‘These data point out that the vanadia species in a
monolayer are active in the BA formation.

Kinetic modelling was used for estimation of vanadia concentration in YO and ZO
species. The model satisfactorily describes the BA formation (Fig. 3) as well as the CO,
formation (not shown) over the catalysts with different content of vanadia .

Conclusions. A kinetic model of the toluene interaction with the pre-oxidised
vanadia/titania catalyst containing potassium has been developed assuming that the two types
of oxygen sites are responsible for total and partial oxidation. The model includes 5 steps. The
kinetic consfants and activation energies were determined. The model satisfactorily describes
the transient behaviour of toluene and reaction products over the catalysts with up to 0.75 ML
of vanadia in the temperature range 523-633 K.
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Introduction

Blends of primary or secondary amines with tertiary amines, such as
methyldiethanolamine (MDEA), are frequently used for the removal of CO, from gas
mixtures [1]. These ‘activated’ amine solutions are advantageous, since they combine the high
absorptive capacity of the tertiary amines with the high absorption rates achievable with
primary or secondary amines. However, the acceleration of CO, absorption via the rapid
formation of carbamates with primary or secondary amines is usually only required ﬁlpcaﬂy
within the absorption column. In other parts of the absorption process homogeneous
activating additives can give rise to undesirable side- effécts such as increased corrosion or
higher energy demands for regeneration. It would thus seem to be preferable to meoblhse
the activators on a solid carrier, which would ideally also serve as a packing matenal Withm
the absorption column. In this way one could localise the activators in those parts of the
absorption process where they are needed and exclude them elsewhere.

The formation of carbamate would then take place as a kind of chemxcal adsorptmn
process through the reaction of CO, with the immobilised primary or secondary ammesv.”;Ifhe
activators are regenerated ‘in-situ’ and continuously by the reaction between thev flowing
aqueous MDEA phase and the carbamate reieasing bicarbonate into the __éolution (F igu‘:e‘ 1)..

(}rientating Experiments | | | N |

The positive effect of immobilised activatoré on :the absorption behaviour was
demonstrated by means of preliminary batch experiments in an aerated stirred tankrreactor
[2]. For the experiments an adsorber resin functionalised with benzyl amine (BA) groups |
(Lewatit VP OC 1065, Bayer AG) was chosen as the immobilised activator matenal These

resin particles are sphemcai with a diameter of 0.5-1 mm and have a density of 1.092 kg/m
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The concentration of BA groups was determined by titration with 0.1 m HCI to 0.33 mol/l

. Lewatit.

gas| .

A : gas-liquid mass transfer € : formation of carbamate

B : liguid phase reaction D : regeneration of immobilised amine

Figure 1. Schematic reaction mechanism for immobilised activators

As discusséd in previous paper [2] immobilised activators similarly enhance the
absorption of CO; into an aqueous MDEA solution as an equivalent quantity of }iq‘uid
activators (diethanolamine). Further experiments related to the regeneration process have
demonstrated that CO, loaded immobilised activator can be regenerated with MDEA (0.5 M)
_solution and afterwards shows the same absorption behaviour like fresh material. |
Kinetic Measurements
'To quantify :the different mass transfer and reaction processes occurring in the three-
_phase system (Sée figure l)k_and to locate possible rate-limiting steps additional experiments
| Weré carried out in a gas-liquid twin CSTR contactor and a liquid/solid fixed-bed column.
a) Gas-liquid twin CSTR

The experiments in a gas-liquid twin CSTR contactor were carried out to determine the

‘vreactisn kinetic Qf dissolved CO; and amines immobilised on suspended resin. Furthermore it
should be investigated whether the immobilised amines enhance the absorption of CO; into an
aqueous MDEA solution for this kind of gas—li'quid contactor or not. The used gas-liquid twin
CSTR contactor (total volume 1.091 1, liquid volume 0.5 1) offers the advantage that no
analyéig,of the liquid phase is required because the pressure decrease is the determining factor
for the _évaluation of the unknown parameters. In each experiment a certain amount of CO;
was rapidly injected into the reactor and the pressure decrease caused by absorption an:i

reaction was recorded. From this record, the reaction kinetic of the dissolved CO; and the
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suspended immobilised amines was estimated by using a mathematical model based on the
film theory, which was then implémenied into Aspen Custom Modeler. |

The absorption ekperiments with an aqueous MDEA solution and suspended immobilised
amines showed that for this kind of gas-liquid contactor no enhancement of the absorption
rate by the immobilised activators occurs. Based on the mathematical model it can be
demonstrated, that the gas-liquid mass transfer is the rate-limiting step in this system.
According to the film theory; it can be reasoned, that in contrast to their liquid counterparts
the suspended immobilised activators don’t enhance the reaction rate of CO; within the film
and therefore don’t favourably influence the absorption.

b) Liguid-solid fixed bed

In order to measure the kinetic' parameter of the adsorption of CO; dissolved in water
with the immobilised activator and the kinetic parameter of the regeneration of loaded
immobilised activators with an aqueous MDEA solution a fix-bed reactor was set up. The
- diameter of the reactor was 20 mm and the height was 100 mm. It was packed with 34.5 ml
TLewatit.

In the first preparatory step of the experiment for the determination of the adsorption
parameter CO, was bubbled in distilled water in a tank in order to saturate the liquid. Then the
water with dissolved CO; was fed to the fixed bed column at different flow rates. An electric
conductivity detector was used to record the change of CO, concentration at the exit of the
reactor. Due to the difficulty to calculate CO, concentration in liguid phase from the
conductivity signal a new analytical method has been developed for the determination of CO,
solved in water. Samples with § ml CO,-water and Iml NaOH (to freeze CO; in water) were
taken at the exit of the reactor along the time. Then the probe was injected in the bottle of
sulphuric acid. CO, injected by the probe was driven out and carried away by constant helium
gas flow to TCD (thermal conductivity detector). This method was calibrated by NaCOs
solution at different concentration.

For the determination of the regeneration parameters aqueous MDEA solutions with
different concentrations were fed into the loaded fixed bed column. Samples were also taken

at the exit and analysed as described above.
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The complex dynamic behavior in oxidation reaction over platinum metals (bistability,
oécﬂiations, surface autowaves, etc.) can be directed by the structure of the reaction
mechanism, specifically by the laws of physicochemical processes in the «eaction medium -
catalyst» system. The most popular factors used to interpret the critical effects are the
following [1]: i) phase transformations on the catalyst surface, including the formation and
decomposition of surface and subsurface oxides during the reaction (e.g., Pd(110})), i1)
structural phase transitions of the surface and its reconstruction due to the influence of the
reaction media {e;g., Pt(100)).

In our opinion, the imitation (or statistical} simulation based on the Monte-Carlo
technique is the most efficient tool for describing the spatio-temporal dynamics of the
behaviour of adsorbaﬁes on the real catalytic surface, whose structure can change during the
reaction. Recently the statistical lattice models for imitating the oscillatory and autowave
dynamics in the adsorbed layer during CO oxidation over Pd(110) [2] and Pt(100) [3] single
crystals, differing by the structural properties of catalytic surfaces, has been studied.

The aim of this contribution is to study the influence of surface diffusion intensity on the
shapes of surface concentration waves obtained in simulations. Let us restrict our
" E:Snsideration by CO oxidation reaction over Pd(110) (similar results has_been obtained by
simulation of CO+0,/Pt(100)).

Detailed mechanism of this reaction has been established by means of FEM, TPR and
XPS studies [4]: ‘ |

1) Ozgasy + 2% = 2044s; 4) Qg5 + *y = [*O0g]; o
2) COps + * <> COus; 5) COugs + [*04] —> COngayy+ 2 + *;

L}
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3) COuqs .+ Oags —> COZ(gas} + 2*’; | 6) COgas +[*0g] © {Coads*oss};

7) [COadS*O;S] — COygasy + * + *, - «cork-screw» reaction

Let us briefly describe the algorithms used in simulations. The model catalyst surface was
represented by the square lattice NxN (N = 400 — 1600) with periodic bouﬁdary cénditions.
States of the lattice cells are determined according to the rules prescribed by the detailed
reaction mechanisms used in the cases under study. So-éaﬂed Monte Carlo step (MCS)
consisting from NxN elementary actions was used as a time unit. During the MCS each cell is
tested on the average once. By elementary action it is meant a trial to change a state of the
randomly chosen centre in such a manner, as it will with the substances taking part in the
elementary processes (steps) constitute the detailed reaction mechanism. The probability of
the particular process w; is determined by a ratio between the rate coefficients, therewith the
rate coefficients for the adsorption processes are multiplied by the relevant partial pressures.
The values of the rate coefficients of the elementary processes used in simulations could be
found in [2,3]. During the MCS after each of NxN trial to carry out one of the elementary
action the inner cycle of COyys diffusion has been arranged (usually M = 50-100 attempts of
diffusion). The diffusion is necessary for the spatio-temporal processes synchromization
occurring on the different regions of the model surface. The reaction rate and surface
coverages were calculated after each MCS as a number of CO; molecules formed (or the
number of cells in the corresponding state) divided by the total number of the lattice cells N

In both cases [2,3] the synchronous oscillations of the reaction rate and surface covérages
are exhibited within the range of the suggested model parameters under the conditions very
close to the experimental observations — e.g., Fig 1 [2]. These oscillations are accompanied by
the autowave behaviour of surface phases and adsorbate coverages, Fig. 2 [2]. The intensity
of CO, formation in the CO,qy, layer is low, inside oxygen island it is intermediate and the
highest intensity of CO, formation is related to a narrow zone between the moving Ougs 1sland
and surrounding CO,gs layer («reaction zone», characterised by the elevated concentration of
~ the free active centres). The presence of the narrow reaction zone was found experimentally
by means of the field ion probe-hole microscopy technique Witi} 5.A resolution [5]. The

important role of the diffusion rate and of the lattice size on the synchronisation and
stabilisation of surface oscillations has been demonstrated. Particularly, in the case of Pt(100),
the decrease of the diffusion intensity (parameter M) from 100 to 30 leads to the irregular

oscillations and to the turbulent patterns on the model surface —in this case the mobile islands
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of Oy shapéd as cellular waves, spiral fragments, cte., are formed [3]. Similar spatiotemporal

behavior was experimentally observed in CO+0,/Pt(100) using the EMSI technique [6].

Fig. 1. Dynamics of changes in the
surface coverages CO,, (solid line)
{COHdS*OSS} {dash-dotted line) (a),
{‘Osq} (b) O.ids (C) R (d} for CO
S , ) ~ A ‘ oxidation over Pd(110). N = 768,
R 1000 2000 000 JO 000 2000 ikt 3500 M —_ 30 Th€ V&}U@S Of Yh\, rate
constants of steps {s) (see scheme):
k=1, k=1, k=02, ks=inf, k,=0.03,

Reaction rate

Ofads)

—HE
%
=
;%

5, ¢ om 2000 3000 4900 5000 050 ks=0.01, k=1, k=0.5, k=0.02. The
3 Lq)ﬂ MM}%%&FM partial pressures of reagents (CO and
¢ ;) are included in the rate constants

by | seos oo so0s . ofadsorption (k;, ks, ke).

Monte Carlo scgps '

Fig. 2. The distribution of
different adsorbates (see
designations) over the surface
(A-D) and the intensity of CO;
formation (a-d) at the moment
when the coverages change on the
Pd(110) surface. The grey scale
reflects the reaction rate intensity
(a-d). The lattice size N =768,
diffusion intensity parameter

M = 50.

Let us study the influence of diffusion intensity M on the shape of the surface waves in
the case shown in the Fig. 2. Increase of M up to value M = 100 doesn’t change the
- oscillatory and wave dynamics, but decreasing M to value M = 20 drastically changes both
the shape of oscillations and the spatiotemporal behavior of simulated surface waves. Period
- and amplitude of oscillations decrease considerably, the dynamic behavior of reaction rate and
- surface coverages demonstrate the intermittence. During these oscillations oxygen 1s always
* present on the surface in the form of turbulent spatiotemporal structures (Fig. 3a). Step-by
step decrease of oxygen partial pressure (remember, that the values for O, and CO adsorption
~coefficients, ki, k;, and k¢, can be treated as préduct of the impingement rate (kixP;) and of the
- sticking coefficient (S;)) leads to the gradual thinning of oxygen travelling waves (Fig. 3b-e).
At low values of k; (Fig. 3d-f) the long and thin oxygen stripe (or worm-like) patterns are
formed on the simulated sﬁrfac,e, and the clear tendency of turbulent patterns to combine into

¥

- spirals disappeared at k; < 0.8. The amplitude of oscillations diminished with decreasing of
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k. At_ﬁigszt,» atk; = 0.71, the oxygen stripe wave vanish slowly from the surface and the system

transform to the low reactive state.

Fig. 3. Typical snapshots of the
adsorbate distribution over the
surface (N = 1000) at step-by step
reducing of k; in the case of
restricted diffusion intensity of
COygs (M=20). The designations
‘of adsorbate are the same as for
Fig. 2(A-D). The values of partial
pressure of oxygen (i.e., k;) are
the following: 1 (a), 0.9 (b), 0.85
(c), 0.8 (d), 0.73 (e), 0.71 (D).

sk

The reverse increasing of k; leads to hysteresis in oscillatory behaviour. The oscillation

appears only at k; = 0.85 via very fast “surface explosion” (Fig. 4a-h).

*Fig. 4. The snapshots illustrating
the rise of oscillations at inverse
step-by-step increasing of k.

- The designations of adsorbate
are the same as for Fig. 2(A-D).
The difference between the
frames is 5 MC steps.

Thus, the possibility for the appearance of the farget and turbulent patterns, spiral and
stripe waves on the surface in the cases under study has been shown. The results obtained

make possible to interpret the surface processes on the atomic scale.
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Introduction

The kinetic study of catalytic isomerization of xylenes has been investigated by several
workers [1-4]. However, in myany of these studies, fixed bed reactors are often utilized for the
reaction. Many difficulties are encountered in using the fixed bed reactor for this reaction
owing to its complex nature. Temperature and/or concentration gradients usually occur within
the flowing phase of the catalyst bed coupled with irregular céking of the catalyst, which
often affect the values of kinetic parameters reported from such studies. Differential reactors
and pulsed micro reactors have been applied to reduce the gradient difficulties, but analytical

problems due to low conversion levels have been identified and as such minimization of the

bulk phase gradient may not be assured [1].

PACKING
GLAND ASSEMBLY
{18 = SHAFT
x NN COOLING UNIT
L / IMPELLER

— UPPER SHELL
INCONEL GASKET

= BOTTOM SHELL

- BASKET
F HEATER

\
AR

Fig. 1. Schematic diagram of the Riser Simulator
In this work, the Riser Simulator (Fig. 1): a novel bench scale equipment which is

operated as a batch, well mixed fluidized bed reactor was employed as a tool in investigating

xylene isomerization over USY zeolite catalyst under different reaction times and
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temperatures. This reactor was invented by de Lasa [5] to overcome the technical problems of
the standard micro-activity test (MAT), and to our knowledge the xylene isomerization
reaction has not been reported in the open literature to have been carried out in such a reactor.
USY zeolite was chosen for the study since only a few kinetic studies reporting the kinetic
parameters for the various reaction paths during xylenes isomerization reaction over USY
zeolite is available [2].
Model Development
According to the distribution of products observed in the present study, we proposed a
sequence reaction scheme, in which an irreversible reaction path is assumed for both the
isomerization and disproportionation reaction. This is due to the low experimental
conversions (<15%) obtained, with the implication that the rate of re#erse reactions are
negligible in comparison with forward reactions. In addition, we also suggested that the
diépmportionation products: toluene and trimethylbenzenes are mainly from the meta-xylene
feed considering that the yield of both para and ortho-xylenes has a maximum value of 4wt
%. These assumptions are reasonable given that the ratio of M/P and M/O is always very high
( 90/4). A further assumption is that the reactor operates under an isothermal condition [5].
Therefore, the proposed reaction scheme is as follows:
O~ M*. P
ks
T+ TMBs ,
Where M = m- xylene O = o- xyiene P = pxylene, T +TMBS = disproportionation
- products
In order to estimate the kinetics parameters, the differential equations describing the

reaction for a first order isomerization [3,4] and disproportionation [3] reactions were derived

as follows:
V dy ~-E 1 1 - Ny
AL A~ k i +k ik 1 1 ot 1
W, dr J:Ol expt ? {T 'Z},D o, EXPE R [T D { })}exp{ at™)y (1)
Y_dyl’ :k02 exp(_Ez {lwi])exp(__afﬂj )ym ‘ 7 ' (2)
W_ dt R T T, N .
4 B 11 , e,
e = fe e [ Tex __atos : , _—
AT p( z [T TO]) p(=at™) v, &)
V dy, -E, 1 1 o
— =L =k . ex ———Nexp(—at 4
Woa P TOD p( )Y | (4)
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In the above equations, the mass fraction of any species 4, is related to its concentration as
’,foliows:C,. =~M”-;—;, where ‘Wh‘c is the mass of the reactant feed (O.léxl‘O'}kg), Vs tﬁe
| yoyl‘ufne‘; of the reactor (50x10°m’), MW, is the molécular weight of species 7 (Kg/Kmole), t 1s

the reaction time (sec), W, is weight of catalyst (Kgcat), k, is the pre-exponential factors in
m> /(kg cat.sec)y, E; apparent activation energies (KJ/mole). ¢ = exp(—at”’) represents

catalyst deactivation function with a constant, used by previous researchers [6], T, is the
average reaction température introduced for re-parameterization of kinetic constants [7].

A computer program in a MATLAB package was developed using the classical forth
order Runge-Kutta method of fixed interval size in order o determine the model parameters
in egs (1)-(4). The values of the kinetic constants and activation energies obtained with their
corresponding 95% confidence limits (nonlinear hypothesis), are presented in Table 1. These

values were found to compare favorably with those reported by Gendy [2] over a similar

catalyst.
TABLE 1. Estimated kinetics parameters
kox10° E, koo x10° E, ko3 x10° Es | « r
0.48 104 0.45 10.9 0.03 13.1 | 048 0;99
95% CFL 0.19 24 0.18 2.7 0.01 34 .18

Fig. 2-5 shows the comparison between the mode] predictions and the experimental data
at various temperatures. As observed in these plots the model predictions compare favourably
with the obtained experimental data for the various conditions, indicating that the model can

_ be used to accurately represent the experimental data following the assumptions made.

097,

0.25 . 0.08°

0.05:
0.2+

Conversion
Mass fraction

2 4 s 8 0 12 14 18
Reactiort time {sec}

Reaction time (sec)

: Fig. 2. Comparison between experimental results and Fig. 3. Comparison between experimental results and f
model prediction for conversion model prediction for p-xylene
(@) 350°C (8) 400°C () 450°C (P) 475°C (@) 350°C (B8) 400°C (@) 450°C (B) 475°C
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Conclusion

1. The ga; phase meta-xylene isomerization and disproportionation reactions are initiated
over USY zeolite catalyst using the Riser Simulator under different reaction conditions.

2. The apparent activation energies for the isomerization of m-xylene to o-xylene and m-
xylene to p-xylene are closely identical with an average value of 10.7 Kcal/mol. This can
be explained due to the similarity of both reactions, as both involve the 1, 2 methyl shift
of adjacent methyl group along the benzene ring [3].

3. While, the apparent activation energy for disproportionation is higher (13.1 Kcal/mol)
than that of isomerization. This is in agreement with the well established fact that the
energy required to move out a methyl group during disproportionation reaction should be
higher that the intramolecular methyl transfer during isomerization by magnitudes of 3 to
4 keal/mol [8].

4. The quantifative agreement of the obtained kinetic parameters with those earlier reported
i the literature, and the close comparison between the model predictions and the
obtained experimental data indicate that the Riser Simulator and associated modeling
techniques can be used as an effective tool in the investigation of the kinetics of meta-

xylene isomerization.

0.08 0.2 g
C 1
0.07 .18
0.16
.06

o
B
A4

ftass fraction

0.08

Mass fraction
©
[~3
e

0.08
0.04 ¢
002+

Y TR R S RS ST S [
2 2 4 8 8 0 12 14 16 o2
Reaction time (sec)

4 6 8 10 i2 14 6
Reaction time (sec)

Fig. 4. Comparison between experimental results and Fig. 5. Comparison between experimental results and

model prediction for o-xylene : model prediction for T+ TMBs
(@) 350°C (B) 400°C (®) 450°C (P) 475°C (®) 350°C (&) 400°C (®) 450°C (B) 475°C
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| Poiymeﬁiation processes are unsteady—state by their nature, becéﬁée of the reaction rate
changes with time. The catalyst has to be part of product, since the polymer ‘grows” on the
catalyst surface Figuratively, growing polymer particle can be Imaged as a pomegranate fruit,
where the fruit (macroparticle) include grains (microparticles), with seeds (catalyst
crystallites):
Catalyst crystallite

Mass-
transfer i i
Diffusion

, . Microparticle
EXN T o Macroparticle

Such a model of olefins polymerization on Ziegler-Natta catalysts was developed by
W.H.Ray and coworkers [1-3]. In polymerization, as distinct from other catalytic processes, it
is rather difﬁcﬁlt (if possible) to separate chemical and physical components of reaction
dynamics. It determines by particle growing, as well as by changing of active sites number.
The latter happens due to the formation of active sites under the influence of cocatalyst, and
their transformation during the reaction. These processes proceed with approximately the
same rates, and therefore also cannot be separated.

That is why there are not many inv?s’tigations in literature on deactivation of
" polymerization catalysts [4]. In most cases, fhe matter concerns ‘ffesultant dynamics” of
process within the limits of residence time in reactor. Such an appfoach is justified becauSe of

14

“one-use” operation of catalyst in polymerization processes.
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Nevertheless, from the catalyst development and précéss techﬁoiogy pbints bf view, it is
very important to understand the reasons of dyﬁam‘ié‘:kbeh‘avior, their mechanisms and
comparative effect. Most authors agree in opinion, that the fnain reason for the observed
decrease of catalyst activity, is ifs poisoning by ethyléluminum dichloride (AIEtCly), which is
the product of catalyst (TiCls, TiCly) interaction with cocatalyys’t‘ (AlEt;CI, AlEt;).

TiCly + AIEt;Cl = TiCL-Et + AIEtCL, - ¢

As a result, the gradual elimination of chlorine from the catalyst takes place. AmbroZ et
al. [5] have drawn attention to this phenomenon as far back as 60-th. Authors of [6] come to a
similar conclusion on the base of recent investigations using modern technique of “surface
science”. It was established in [5], that chlorine loss reach 50% of total chlorine in TiCl;, and
therefore could not be removed from the surface layers of the catalyst crystal only, but have to
“touch’; the bulk. Thus, the matters can concerns mobility of chloﬁne in the 1attice of TiCl; or
TiCly, similarly to oxygen mobility in oxides or carbon in carbides. These processes in solid
phase are quite slow, (formally are similar to diffusion), and can determine the distinctive
process dynamics. |

In this work, we try to estimate parameters of such “diffusion” and their effect on

reaction rate dynamics in propylene polymerization.

Simple evaluaﬁ@n
Rate of polymerization usually expressed as [1-5]:
R,=k, CzCp @
Since in reaction (1) AIEtCl; is a product of cocatalyst action and is in adsorption
equilibrium [4], the rate of deactivation will be proportional to concentration of AIE4CIL. The
compensation of dechlorinated centers one can consider as a diffusion flux in the catalyst
crystallite from bulk to surface:

ac, dc,

d CZ CA +DC S—= rere (3)
dr

dt

Since C; const, thenk; ki C4. The specific surface of crystallite S, depending of their

form, can be written as § = (1.5+3)/r.. The diffusion flux can be approximately expressed as:

D, SdC

dr

L~ BlE-c) ﬁza;sg.z)%pc/rg - @)

After subsﬁtutmg these formulas in (3) and 1ts mtegratlon we are able to describe the

experimental data of {5], fig. 1-a.
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- Fig. 1. Variation of polymerization rate (k, Cz ) with time.
(a): Points — experiments of [5]; lines — model prediction, eq. (3).

(b): Correlation of D, and d.. at k;=0.01.

Since £ is proportional to D,/ a’f , where d, = 2 r., then 2 lot of combination of D, and d,

are probable, presented in fig. 1-b. The d, of industrial catalysts is usually within the values

- 0.01+0.1 um (after shattering with the onset of polymerization).

Then diffusivity D, = 10717 + 107" cm?/s, that is typical for diffusion in solids [7].

Bulk diffusion

In presented experiments the reaction rate does not measured during initial 10 min, thus

the initial period of rate increasing is not detected and is leaved out of account in eq. (3). For

complete simulation of dynamics it is necessary to write the equation for potential centers in

crystallite bulk (equation of chlorine mobility):
dCy,

aC o%Cc, . dC, . ! |
Sl=De——, r=0: ZL=0, rer: DeS —pt=-kiCsC,
c N
~2= k) C;C,~k, G, C,. Cs=C,(r=7)

The solution of (5) at » = . have to be in form:
) 2
. D
CS(t_):CV(rCat):ZAn exp(‘fi‘“j‘q‘f)
‘ n=1, fc
ji,, are roots of characteristic equation ctg ty, = t, Dc/ ky e,
Ay =2 singsy, coSply [ (Un + Sing, COSLy).

Substituting (7) in (6) and integrating we obtain:

C,(0=k, 3 p ‘i{_"ﬁ (exp (- B,1)-exp(-ky 1)), =25

n=1 d n e
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Fig. 2. Dynamics of propylene polymerization rate on catélyst TiCl; + AIELCL
(a): Points — experimental of [8]; lines — model prediction, egs. (2,8).
(b): Calculations of £p, £, and E,.

System (2,8) provides the qualitative and quantitative simulation of typical dynamics of
polymerization rate (fig. 2). The following estimations were obtained: b
De= (2<7) 107" cm?fs, ky = 0.04+0.08 1/min, k= (1.9+3.5) 10~ 1/min,
: Adfivation energies (fig. 2-b): Of reaction — Ep ~ 29 kJ/mol; diffusion — Ep ~ 30 kJ/mol;
~ catalyst activation (k' Cs Cy ) — E4~ 16 k/mol; |
catalyst déactivation (kdl CzCy)—Eyg~ 15 kI/mol.

Nomenclature V

Rp s ky — polymenzatlon rate and its constant; Cz, Cy - concentratzon of potentxal actwe
centers on surface and in catalyst bulk Cn, Csy — cancentranons of monomer and
aikylalummum chloride D, - dxﬁ‘uswﬁy of chlorine in catalyst; 7., d, —radms and dlameter

of catalyst crystalhte kA s kg — constants of catalyst activation and deactwanon
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1. Introduction

It is very important for the environment protection to improve refining of the tail gases.
The hydrogen sulfide is a widely — spread pollutant. Nowadays, the industrial oxidation of
concentrated hydrogen sulfide is carried out according to Claus-method. The efficiency of a
two-stage Claus-process is about 90-92%. Therefore, the hydrogen sulfide left in tail gases
requires further utilization. This problem can be solved by means of a honeycomb monolithic
catalyst.

In this paper the mathematical model of catalyst oxidation of hydrogen sulfide is
wpresentéd. Honeycomb catalyst behaves according to an ideal displacement scheme. Modeling
of hydrogen sulfide conversion with a detailed consideration of wall mass-transfer and flow
structure has been made. A corresponding. computer code was applied to obtain numerical

results with their further comparison with the experimental data of laboratory investigations.

2. Based equations

Since the block catalyst cpnsists of channels located regularly and separated by baffles of
solid catalyst materiéi and their number oﬁzerz the block cross séction is very large for:the
procedure of space averaging, a vmultipha’se media approach is considered for modeling
purposes (Nigmatulin, [i. | |

In this context the flow of reactipg multjcompoﬁent gas in porous medium of channel

structure is considered. The equations derived on the base of conservation laws of mass,
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molar, momentum and energy are given taking into account the kinetics of chemical
oxidation.

Mass balance equation of gas mixture:

5’930—4-—————0”'0’%‘ =0.
a a D
Mass balance equation of reacting component (e. g. hydrogen sulfide):
ébxpro . &’1;010"1 =],
a & 2)

Momentum of gas mixture:

v, +5,01°vf __ P L ‘
a G & 3)

Energy balance for gas:

a0, T, + P, :_i@+—1~Fv‘ -*~1~“Q- : |
7 ox Cy} & Cvl alcﬂ : | 4)

Energy balance for solid phase (catalyst):

PT, 0 L 572?2+ Jo
a oC, a,C, & oC, 5)

~ The system of equations (1) — (5) must be closed. Assuming the ideal gas equation as the-
closing relation, we get to:
P=p'R o1
The friction force in porous medium of channel structure can be expressed as:
F =8a7 po,v, . |
The expression for the heat transfer rate is assumed to be:
' Q=SANu(T, ~T;)/a,.

Nusselt number will be determined according to the empirical expression of Chudnovsky

[1] describing heat exchange at Reynolds numbers typical for the process under consideration.

The partial pressures of gas components may be written as

P =c¢P,(i=1,..n)

-

where £ =Py ¢, P, = F, , etc., n = quantity of gas components and P = ZR :

i=]
The problem mathematical definition may lead to an equation of convective diffusion for

concentration ¢(tx,y) of some reagent at gas laminar flow in the channel with ri gid walls.
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As a result of the solving of equation of convective diffusion we have estimation for
concentration near walls:

o, (x,al2) = c, -2 'j_‘fi—(ci)»d

25" -
where 4=T(4/3)"(2/3)'(1/3)6"" - combination of gamma-functions, S =a’V /2D.
With this estimation we 1mproved based 1-D equations and defined adequaﬁve values of

conversion of hydrogen sulfide.

3. Kinetic model of hydrogen sulfide catalytic oxidation
Based on the work of Alkhazov and Amirgulyan -[2], let us consider the reaction
niebhanism for catalytic oxidation of hydrogen sulfide, the reaction is assumed to occur
through the interaction between H,.S molecule adsorbed on center Z, and oxygen molecule
adsorbed dissociatively on center Z,.
The overall reaction rate can be represented as follows:
_ P}Izs F, (%5

- 3

1+5,Py s +b,Py 5 1+ b3PO°2'5

where the various kinetic coefficients were calculated from experimental data and are equal
to:

K =4.19%10% *exp(-21.4/RT) mol*KPa ™" /(m’*s),

b,=0.149*exp(5.24/RT) KPa™',

b,=1.67*10"" *exp(3.56/RT) KPa ™,

b,=8.35%10 " *exp(22.9/RT) KPa %,

Based on elementary geometric considerations,:a formula for recalculation was derived:

J=SWI/S,.

4. Comparison with experimental data .

As a result of the experiments, contact time and reaction temperatures have been
determined, which provide for practically complete conversion of hydrogen sulfide into
elemental suifur’ (with a measurable limit of 98%). Sulfur itself did not react. Therefore, he
process was selective. The found optimum contact time ranges from 0.6 s to 0.8 s, the
corresponding temperature values varying from 490 K to 510 K. The contact time in the

experiments was regulated by a given initial velocity of the flow. Picture compares calculated
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- and experimental data for dependence of hydrogen sulfide conversion: (relative to the initial

concentration).on the contact time. -

100'.06' ‘ ~ I

75.00 T4
ox.e
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S o
& 50.00
@O :
g |
o L
Q /T
i
25.00 - ,
0.00

000 020 040 060 080
Contact time, s

Comparison of calculated and experimental results for
hydrogen sulfide conversion versus gas-catalyst contact time

- Based on the comparison of the results, one can arrive at a conclusion that the developed
mathematical model describes adequately the process of hydrogen sulfide catalytic oxidation
to elemental sulfur using block catalyst. Thus, based on the presented model one can make
design and optimization calculations for above types of commercial reactors. One should take
into account the effect of flow acceleration in the channels, which may cause turbuig;z}pe and
loss of advantages of block catalysts. This fact suggests the necessity of limiting the length of
catalyst blocks at a given channel cross section and using the clearances between rows of

. blocks located one after another.

References

1L R.L ngmatuhn Dynazmcs of Multxphase Medxa voi 1 Hemlsphere Washmgton 1990
2. T.G Aikhazov and N. S, Amirgulyan, Catalytic Oxxdatzon of Sulﬁde over Iron Oxides, Kmetska H kataizz
7 vol 23, pP. 1130«1134 1982 (in Russian).

69




‘ OP-I-9

TOTAL OXIDATION OF METHANE OVER Pd CATALYSTS
SUPPORTED ON SILICON NITRIDE. INFLUENCE OF
_THE SUPPORT NATURE

LA. Kurzina, F.J. Cadete Santos Aires?, G. }?sergeret(z)3 J.C. Bertolini®

D Tomsk State University of Architecture & Building, 2 Solyanaya pZ., Tomsk 634003, Russia.
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Non-oxide refractory méterials such as silicon nitride having high thermal stability and
thermal conductivity can be osed as catalytic supports. Silicon nitride with different specific
area and crystallinity: amorphous silicon nitride, amorphous silicon nitride annealed at
1450°C and o-SisNy were chosen as the supports for Pd catalyéts. A strong influence of the
phase composition and the crystalline state of supports on the catalytic properties in the total
" oxidation of methane of the Pd catalysts was found. The activity of Pd catalysts increases with

“the @-Si3Ny content of the support.

Highly dispersed main group metals oxides such as Al,Os, SiO; and silica-alumina are
generally used as catalyst suppofts.bHowev-er, the structural stability of such cataljfsts for the
ﬁighly exothermic reactions :{Jvorking at high témp’éfature is not sufficient. In order to improve
the stabﬂity‘of catalysts, other materials having high thermal stability and high thermal
conductivity should be employed as supports. Among the non-oxide ceramics, silicon nitride
is a promising candidate for high temperature applications [1] owing to its advantageous
properties, like rather hlgh thermal conductwlty, high hardness and strength, excelient creep,
oxidation and corrosmn reSIStance as well as 1ts low density. Amorphous sﬂmon nitride
powder with much higher specific area (66 m?/ g) than crystaihne o or B SisNy offers a priori
considerable advantages and can be used as a support for Pd catalysts. Moreover, one can
expect to produce the silicon nitride powder with the 80-90% crystalline phase content by
direct annealing under nitrogen flow at 1420-1500°C [2] of the amorphous powders keeping a
reasonable specific area with changes in the chemical composition, the o/f ratio and the

microstructure.
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In order to investigate the influence of the phase-structural state of silicon nitride on the .
catalytic properties of Pd, three kinds of silicon nitride were used as supports in this work: -
amorphous silicon nitride (SiN-am); amorphous silicon nitride annealed at 1450°C for 2h
under nitrogen flow (SiN-annl) and a-Si3Ny. The catalytic properties of the resulting systems
toward the total oxidation of methane were compared.

Experimental

The Pd catalysts were prepared by impregnation of the silicon nitride supports with
adequate amounts of Pd(Il) bis acetylacetonate [Pd(CsH70,),] dissolved in toluene [3]. The

total oxidation of methane over Pd catalysts

was carried out between 25°C and 650°Cina = ™ T . @SiNam_ -
. ) ‘ b . S 66 mg
flow tubular quartz reactor with a stationary - I o _ Amorph-90wt%;

e/B=23

layer of catalyst. The products were analyzed

by mass-spectrometry. Methane conversion

Intensity {a.u.)
!

versus temperature was measured for two .

states of the samples: state 1- as prepared

catalysts and state 2 - samples after the & R e I s sl
: o ~b) SiN-annl
: . . . Sq=28 m/g
heating for 3h at 650°C in the presence of the ] CF 9 Amorh 0w
Wp65

reagents mixture. The phase composition, the

chemical state and the morphology of the

Intensity (a.u.)

silicon nitrides supports and the supported Pd
catalysts were checked by XRD, XPS and
TEM.

Results and discussion |

The XRD analysis was ‘used in
combination with TEM and XPS analyses to

Intensity (a.u.)

determine the composition and the structure of

silicon nitride supports. The SiN-am support

had greater specific surface area - 66 m?/gas

compared to the o-Si;Ny (7 m/g) and contains

2-Theta - Scale ’ : .
Fig. 1. X-ray diffraction pattern and the main
_ properties of the amorphous silicon
Siy, XPS signal).  The SiN-am powder was nitride (a); annealed silicon nitride (b)
- ‘ and o-Si;Ny. (c) supports. The lines
noted with = were used for the

about 10 wt% containing the o-phase and calculation of a/f3 ratio

a larger amount of surface oxygen (22% of the

mainly amorphous with a crystalline fraction
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B-phasesy (ﬁ'glia) with 'a o/B ratio of 2.3. The amorphous:silicon nitride support consisted of
uniform (<30 nm), spherical particles with very few of silicon nitride crystals.

After treatment at 1450° C under nitrogen flow, the crystalline fraction became very high
(90 wt%) and the o/B ratio increased to 6.6 (fig. 1b). Crystallization is associated with:grain
coarsening as it is shown by changes of the specific area and also by TEM measurements. The
specific surface area decreased from 66 to 28 m?/g. The support annealing in nitrogen flow
leads to a significant decrease of the surface oxygen content to 6 at% determined by XPS.
Among the a-Si3Ny crystals some whiskers with B-phase structure were observed.

The o-SisN, support was found to be a very well crystalline material containing mainly
a-8i3Ng with the presence of some B phase (ratio o/B=5.8) (fig lc).

‘The impregnation of Pd on silicon nitride supports leads to tﬁe formation of small metal
particles (2.6 - 5.6 nm) (table 1). The increase of the Pd particles size for as prepared catalysts
simultaneous wit?z the decrease of the speciﬁc surface areas of the supports was observed
(table 1). The resistance of the palladium metallic particles to sintering under reaction
C(;ﬁditibns is confirmed by the TEM average particle size measured after reaction as well as
the lower decrease of the Pd/Si ratio for catalysts after reaction (table 1).

Pd caialysts show different catalytic activity for the total oxidation of methane. The curves

showing CHj conversion of the Pd/SiN-am,

100 G B B
Pd/SiN-annl - and Pd/o-SisN; as a function of [[opasivam | a8%7 0%
' . o o B0 {|2Pa/siNannl | AT o
increasing temperature at states 1 and 2 are given in i PPASEN, | e

i . : 8 1 A o
fig: 2. The activity increases: with o-Si3Ns content - 7 e

i R S ) b4 o -3
and crystallization state of the support. S . K
' ‘ loaoage®”
Table 1. Main characteristics of the Pd/silicon L
: 10
L. 1] ® Pd/SiN-am
nitride catalysts ol |oparsinann
SR |
Pd TEM average ' g 60 Rt o °
content paticle Sl;g BE Pd 3d 502 5 - o
Samples | (Wi%) % (nm) eV g * a
> 0,008 ’ 5 0] ’ A* ua
j 1 A . s P e
B.R. Af‘R, BR AfR y o bngg é ? g o‘o ' ‘
Pd/SiN-am .44 2.9 32 3353 337.0 a 200 300 400
PA/SiN-anil | 042 | 32 | 36 [3359] 3373
Pd/o-SisNg .| 049 4.3 5.8 3359 | 3373 Fig. 2. Methane conversion over
Pd/SiN-am; Pd/SiN-anni;

BE—Binding energy; B.R.-catalyst before reaction; : N ER
AfR -catalyst after reaction : Pd/a-SisN; catalysts according tos

their « states » of reaction
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The activity of Pd/a-Si;Ny is very stable with state 2 similar to statel. Pd/SiN-ann]
catalyst exhibits a catalytic behavior quite comparable to the Pd/o—Si3Ny in state 1; the light —
off temperature (at half-conversion) is quite the same, near 350-370°C. However, afier aging
at 650°C under the gas mixture (state 2), a significant decrease of activity 1s observed (fig 2
(b)) and the light-off temperature mcreases from 370° to 470°C. Pd/SlN—am catalyst is less
active compared with Pd/SiN-annl and Pd/fx-Sl;N4 samples. Moreover the act1v1ty decreases
under reaction conditions; the conversion of mefhane in state 2 does not reach 100%.

The Si 2p and O 1s XPS peaks changed in shape and intensity after reaction for Pd/SiN-
am, indicating that oxidation of the silicon nitride ‘support has occurred. The oxygen content
doubled after reaction. It was not observed any strong oxidation for the Pd/SiN-annl and
Pd/o-S13Ny. Hewever Pd particles covered by an amorphous thick layer were observed in
some regions of the Pd/ SiN-annl catalyst after reaction (ﬁg 3).

The catalyuc difference of the Pd catalysts can be
explained with respect to the properties of the Pd
particles. The binding energy of Pd 3d XPS peak of
Pd/SiN-annl and Pd/a-Si3Ny is higher than for Pd/SiN-
am (table 1). The line shape of both the Pd 3d XPS
peaks and the corresponding Auger spectrum is qﬁite
comparable to that obtained for a reduced Pd’ state as
measured for a massive palladinm sample [4]. The
higher value of Pd 3ds; (336.1 ¢V) instead of 335.3-
3354 eV for Pd metal was alsor found for
Pd(0.75%)/a-Si3Ny catalyst and it is quite higher than
for Pd depoeited on AL Os [3]. This can be reiéte‘d to a

; PRI . o ~ Fig. 3. TEM pictures of Pd/SiN-annl
modification of the electronic properties of the Pd catalyst after reaction

particle due to specific interaction between Pd metal

and o-S1;N4 phase The decrease of the actlvxty can be explamed by the recovermg of the Pd
particles (fig. 3) due to the presence of amorphous fractxon in the support whlch can be gasier
oxidized and mobile at high temperature with the presence of oxygen. In conclusmn Pd/a-
Si3Ny was found to be active and stable under reaction conditions, in the absence of

amorphous fraction. . -
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REACTIVITY OF TSEFLAR™_TREATED GIBBSITE IN THE
REHYDRATION PROCESS UNDER MILD CONDITIONS

L.A. Isupova, Yu.Yu. Tanashev, LV. Kharina, E.M. Moroz, G.S. Litvak,
N.N. Boldyreva, E.A. Paukshtis, E.B. Burgina, A.A. Budneva, AN. Shiﬁakdv,
' N.A. Rudina, V.Yu. Kruglyakov, V.N. Parmon

Boreskov Institute of Catalysis SB RAS, No?osibiz*sk

Thermal activation of hydrargillite/gibbsite (HG) is known to be a method for production
| ‘of highly reactive state of ALOs;xnH;0. Rehydration of this produet is a basis of a number of
wasteless/low-waste technological lines used for manufecturing the ps‘eudeboehmite—
structured hydroxide with the skipped reprecipitation stage which reqﬁiring a large
censmnption of feedstocks and producing wastewater in a large amount. |

The properties of the products of the thermal decomposition and their reacnvzty wﬂl
depend considerably both on properties of the initial hydrargillite (including the particle size)
and on conditions of the thermal decomposition prokcess, viz. the decomposition temperature,
heating rate, HG bed thickness, residence time in the hot zone, hardening rate, water partial
pressure etc., which determine the defect structure of an oxide phase formed and, hence, its
physicochemical properties. |

Few methods for the implementation of the thermal decomposition process were
zieVeloped. These are: | ‘

1. Thermal decomposition in the flue gés backﬂow at high temperatures;
2. Thermal decomp051t10n in the flue gas backﬂow at moderate temperatures and certam
steam pressure — TCA;

Thermal decomposition in the fluidized bed of a catalyst or solid heat camer - TDP
4. Thermal decomp051t10n in a thin bed in flowing flue gases.

Thermal decomposxtmn of hydrargﬂhte usmcy a TSEFLAR™ mstaﬂatlon [1] is a new
{;Jay to 1mpiement the thermal decomposxtlon process which allows a combination of a fixed
deeemposition temperature, thin bed, fast heating, hardening, short contact times and steam
pressure. In addition, 2 more pure product -CTA HG- is obtaining of not contaminated by
incomplete burning products or by the carrier. : ;

Specific features of ‘the TSEFLAR™ process of the HG thermal decomposition
necessitated to mvestlgate ‘the conditions of the formation of the active product (CTA HG), ifs

nature and physmochemmal propemes mciudmg its reacthty to the rehydranon reactions.
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Experimental

The product from the Pikalev Silica Complex was used as initial HG. The initial moisture
content was 9 wt %, impurities: 0.22% of Na,O; the fraction composition: 8% of the 0-38 pm
fraction, 10% of the 38-53 um fraction, 55% of the 63-106 um fraction, 27% of larger than
the 106 pm fraction; Sepeciic™2—9 mz/g. The product was subjected to the thermal
decomposition at the varied main process parameters: the initial HG wetness, rotation speed
(0.5 to 1.7 s), temperature (350 to 600°C), feeding rate (5 to 40 kg/h), dlspersmn state (with
and without sifting) and steam pressure (up to 100 torr).

The sampies were characterized using such techmques as XRD (mcludmg the mode with
the synchrotron radiation-SR), DTA, BET, IRS, EM, and NMR. Solubxhty of the samples was
determined in acid and base media.

Results and discussion

The CTA HG product composition

The phase composition of the CTA HG products is considerably affected mainly by the

TSEFLAR™ plate température, pre-drying temperature and contact time (or feeding rate) but
practically independent of the plate rotation speed. For example, the XRD data show that the
rise of the plate temperature from-330 to 600°C results in the decrease in the HG proportion in
the CTA product while the content of the X-ray amorphous component increases and
boehmite is detected. Almost the whole product formed upon the treatment at 530 — 580°C is
X-ray amorphous. Table 1 shows the charactéristics and preparation conditions of some CTA
HG products. |
The DTA data demonstrate a non- umformﬁy of even the high-temperature (fully X—ray
amorphous) CTA HG product; it seems to compnse both an “oxide” and “hydroxzde
'constttuents The effects a broadened endoeffect below 800°C accompamed by a monotone
weight decrease and an exoeffect at 820°C at no welght change, seen in DTA curves of CTA
HG samples indicate the presence of not only a disordered oxide phase and chemisorbed
~water but also disordered hydromde phases (Fxg 1) The IRS data argue in favor of this
conclusion; and the same is with the SR-data on the phase composition which allow, due to a
,highef sensitivity, a y-like pﬁase of alumina and afps of hydrargillite and boehmite to be
detected in the high-temperature CTA HG sample (Fig. 2). : |
From the IRS data, the CTA HG products also comprlse x-like alumina along with
weakly bonded/rrmlecu}ar water (removed on heatmg at 100°C) and structurally disordered
| hydroxides. That i is seen from a poorly resoluted IR absorptlon data at the region of stretchmg
_vibrations of bound hydroxides. Therefore, the X- -ray amorphous CTA HG pmduct seems fo
contain a consxderabie quantity of structuraliy dxsordered hydroxides in its “hydroxxde

constltuent and chemisorbed water in its ° oxxde constltuent The IRS data shew also the
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presence of carbonate speczes in the CTA products which may form due to an interaction of
‘the active oxide species produced during the thermal decomposition with carbon dioxide,

which present in the ambient.

TG
Am=12%

o

0 200 400 600 800 1000 |
CTC S 0 20 40 60
2 theta, degs

Intensity, counts/sec

Fig. 1. Thermogram of gibbsite treated with ~ Fig. 2. The samples’ phase composition according to
TSEFLAR™ at 580 °C the Synhrotron XRD versus the preparation
conditions: 1- TCA+MT, 2 CTA-580, 3-CTA-
580+MT, 4-3+hydration in an ammonia
solution at pH 10 during 2 h. (*-Boehmite, +
- gibbsite, - x-like alumina)

The increase in the content of the amorphous oxide component in the products also is favored
at longer contact times (lower rates of the HG consumption by TSEFLAR™), while a pre-drying
of the samples at 180°C results naturally in a higher content of boehmite in the product.

Therefore, low temperaturés (below 400°C), high consumption rates (15 — 20 kg/h), pre-
heating of HG at the temperature not higher than 100°C will cause an increase in the content
of an “amorphous hydroxide” component, including amorphous HG, in the CTA products,
and vise versa, high temperatures (above 500°C), the small particle size and low consumption
rates (lower than 10 kg/h) will allow a fuﬁy X-ray amorphous “hydroxide”-free products to be
obtained, in which aluminum atoms form a kind of the y-oxide phase in its close proximity
(from the IRS data).

The surface area of the CTA HG products

The treating of HG with TSEFLARTM results in a corxSIderable increase in the surface area

of the samples depending on the condmons of thermal decomposition. The surface area
increases upon the elevation of the decompos;tmn temperature but decreases upon the elevation
of the pre-drying temperature. For example, if the CTA HG temperature is in the range of 470-
545 °C -Sme;,ﬁc increases up to 180 m?/ g in the sample pre-heated to 140°C but up to 250 mz/g in
the sample not subjected to pre-heating. It is interesting that the surface area is consxderably
lower when bemg determmed at room tempera“mre than that aﬁer the pretreatment at 300°C.
This is an evidence of the inaccessibility of some art of the adsorbate surface due to the

- presence of chemisorbed water and/or specific morphological arrangement of the particles.
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Morphology of CTA HG products

;o The particle aggregates are practically not varied in size aﬁer treating HG with
TSEFLAR™ (from the EM data and the data obtained by Coulter). The electron microscopic
studies reveal that the particles formed during HG treating with TSEFLAR™ at 470 and

: 575°C are a pseudomorphose to the initial HG (Fig. 3). These are almost regularly shaped
(iruncated hexagon or distorted rectangular in the projection) coarse (1-1.5 um) particles with
the slightly broken surface. Sometimes fine acicular particles of ca. 70 to 100 A in size are
seen at the particle edges. Elongated spots — slit-like pores — can be observed in some
:indiv_idual parii‘cles.Ther‘e are also shapeless aggregates of lamellar microporous particles of

0.5-2 um in size in the samples.

Fig. 3. Photomicrography of gibbsite treated with TSWFLAR ™ at 580 °C (different magnifications).

Preservation of the layered HG structure in the products of the TSEFLAR™
thermodecomposition indicates feasibility of the dehydration stage without a concomitant
rearrangement of the oxygen sublatiice because the layered structure of the CTA product (as
argued for by the presence of the HG pseudomorphose) is not characteristic of the formed
product with the composition close to ALO:x0.8H,0O (the oxide product). However, the
- formed structure differs from the initial one since all the layers are porous and splitted.
Therefore, the CTA product seems to be in a non-equilibrium metastable étate of oxide phase
and, for this reason, possesses a higher energy capacity and a higher reactivity. When the
temperature of the HG treatment is elevated to above 600°C, the formation of an oxide crystal
latfice is not excluded in the CTA product. Hence, some temperature range may be identified
" for the formation of the active CTA product with the transitional non-equilibrium layered
structure of the hydroxide typewhich is dehydrated in more or less extent; this is the range
between 330 and 600°C.

Reactivity of the CTA HG products

Dependmg on the preparation condmons different solublhtzes are characteristic of the

CTA HG samples (Table 1). For exampie the solubility in an alkaime ammonia solution at

20°C increases with the elevation of the decomposition temperature and, vise versa, decreases
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if the samples are disintegrated. The solubility in acid solutions varies antibate to that in the
alkaline solutions. The water solubility is rather low for all the samples; the solution formed
showing an alkali reaction (pH 10-11). It is interesting that the TCA HG sample is the one
most soluble in the ammonia solution and lest soluble in water that indicates its acidic
properties (that may be accounted for by higher temperatures of the sample preparation or by
a lower steam partial pressure), while the CTA HG product is more alkaline.

A longer hydration of the samples in an alkaline medium and water produces
pseudoboehmite first (Fig. 2) and then, at even longer exposure, bayerite. The hydration
during a week results in formation of almost one-phase bayerite from both TCA HG and CTA
HG. However, there is a considerable difference in the maximal quantity of the formed
pseudoboehmite. For example, the bayerite phase is detected as early as 5 hours of hydration
of the CTA HG product in water but in 24 hours (when the pseudoboehmite content reaches
ca. 50%) of hydration of the TCA HG. It is not excluded that rehydration of the CTA HG
products skips the s‘iage of their redissolution but by the reaction Solid+Liquid. This process
may be favored due to the layered structure of the products. One can also notice that no
formation of pseudoboehmite is detected during 24 hours in an acidic medium (at otherwise
identical conditions) and, again, exposure of HG or pseudoboehmite (reprecipitation) in acid
or alkali aqueous solutions does not cause any changes in the phasé cemposi‘zién of the
samples. |

Thus, CTA HG products at the temperature range of 330 to 580°C are the ones with a
transitional non-equilibrated layered hydroxide structure with partly lost hydroxide groups.
The structure does not correspond to the produced chemical composition and, therefore,
reveals a higher reactivity. Such a system is already readily hydrated at room temperafdre in
water and ‘aquecus ammonia to form eventually the stable bayerite-like hydroxide structure. Tn
an acid solution at room temperature, the product does not undergo any phase transiﬁbns even
if exposed for a week; that may happen due to formation of a dense hydroxide film on the
particle surface.
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Table 1. Some properties of the CTA Gibbsite products

ALOs* 0.79H,0

TA Solubility
Sample/ .
- Disperga- | Phases, % NH,OH
cf;?e‘;’s‘l‘if‘;n -~ tion (X-Ray) | Humidity, | , | AlOH), | AIOOH Pi‘%?fﬁ pH 10, IZBS%* H,0
P % M- | Gibbsite | boemite e 20 °C, B ég G,
< 60 min min n
Gibbsite no  Gib-92 38.25 no 77 26.6 0.4 no . no
A1203 * 353H20 Boe-8
CTA-380 no Am-65 22.75 44.3 39 16.7 0 1.9 1.2 0.02
AlgOg * 168H20 Boe-lS
Gib-20
CTA-380 dezi Am82 24,5 36,97 44,7 18,33 0 1 115 0.025
A1203* 1.85H20 Boe-3
Gib-15
CTA-580 29 9 0.02~
ALO; * 0.79H,0 no Am 12 81.13 5.71 8.33 477 i
CTA-580 dezi Am-95 16,5 83,5 4,84 11,66 0- 1.4 3.9 0.025
ALO;* 0.95H,0 Boe-3
Gib-2
TCA (for dezi Am-95 12 76 11 13 0 3 2 0.01
comparision) Gib-5

* Samples solubility in sulfur acid (1:1) during beating, vp to 80 °C (full solubility)

**% water pH rises up to 10-11

-
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IN-SITU THERMOGRAPHY TO STUDY SURFACE TEMPERATURE
OF NICKEL CATALYST DURING CATALYTIC REACTION
OF PROPANE OXIDATION

A.Yu. Gladky, V.V. Ustugov, A.L Nizovskii, V.N. Parmon, V.I. Bukhtiyarov

Boreskov Institute of Catalysis SB RAS
Pr. Akad. Lavrentieva, 5, Novosibirsk 63 0090, Russia

A proper design of chemical reactors has to rely on many characteristics of a chemical
process. One of such characteristics is a temperature of a catalyst surface. However, the use of
thermocouples for the detection of a catalyst temperature is widely spread, in the case of
strongly exothermic or strongly endothermic reactions, a correct measuring ‘the catalyst
temperature is of considerable difficulty. This is even more difficult in case of highly
dispersed catalysts. :

The method of thermography makes it possible to measure the temperature of working
catalysts in a wide temperature range and in the micrometer scale. Although, this method
requires a specific design of the reactor (fig.1), which has to have an optical window, it
permits one to exclude possible side thermal effects due to a material of a thermocouple.

We tested the method of thermography in the reaction of propane oxidation over a nickel
catalyst. Fig. 2 shows a series of micro-thermographs recorded during the propane oxidation
over a nickel foil at the gas temperature 750°C, pressure 1 torr, and propane/oxygen ratio 9/1.
As it is seen, such technique allows the detection of temperature non-uniformity of working
catalysts. | ‘ :

A possible mathematical treatment of visual experimental data is discussed.

Figure 1. Thermography reactor.
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32 sec B 44 sec

56 sec : 60 sec

68 sec 76 sec

84 sec 112 'sec

Figure 2. Evolution of surface temperature of a nickel foil during oscilfatory oxidation of propane.
Propane/oxygen ratio is 9/1. A frame 